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1. Introduction
1.1 Background

One of the major operations in the chemical and pharmaceutical industries is the separation of
liguid mixtures into their components using distillation. The distillation can be performed as
either a continuous or a batch process. Batch distillation has several advantages in many cases
and it is often used in industries where high purity products are produced. In particular, it is
used for purifying products or recovering solvents or valuable reactants from waste steams.
Batch distillation has the advantage of being much more flexible than continuous distillation,
as it has more degrees of freedom (e.g. flowrate, temperature, pressure). The flexibility makes
it possible to cope with varying compositions of feed and product specifications; also
completely different mixtures can be separated using the same column. This is a big
advantage with today’ s frequently changing product specification requirements of the market
(Galindez and Fredenslund [11]). Furthermore batch distillation often means simpler
operation and lower capital cost than continuous distillation (Skogestad, Wittgens and

Sarensen [23]).

The most obvious disadvantage of batch distillation is the high cost of energy, as it most often
requires more energy than continuous distillation.

The fact that the use of batch distillation as well as the competitiveness in industry has
increased during the last years (Furlonge [9]) makes it interesting to model the process and to
use this model for optimisation, minimising energy requirements (which, in practice, often
means minimising production time) and loss of product, always maintaining high purity
requirements. Further motivation is provided by the increasingly stringent environmental
regulations, which make effective control of processesvita (Barolo [1]).

1.2 Problem Statement

As batch distillation is an inherently complex dynamic process (the holdup and composition
of material change with time during operation) and as the model size of batch distillation
quickly grows with increasing model accuracy, number of components and number of trays
(in cases of tray columns), successful optimisation relies on today’s fast development of
computer hardware and software.

In this work the performance of the ssimulation and optimisation program gPROMS (Process
System Enterprise Ltd [20] and [21]) was evaluated on a large industrial problem by
implementing and modifying in gPROMS a model of a batch distillation process already
existing at Bayer AG. More specifically, the main objective of the project was to ssimulate and
optimise the process, and to compare the results with the existing process as well as with the
results obtained using the simulation program SPEEDUP (Aspen Technology) and the
optimisation program DYNOPT (RWTH Aachen). For numerical reasons and internal
memory problem of DY NOPT, it had not been possible to optimise the full large scale model
of the column using that package. Instead, the model had to be reduced considerably and the
optimal control profile of the batch was calculated in two parts (Gautheron [12]).

The objective using gPROMS on the other hand was to optimise the entire batch as a whole
using the full large-scale model. The objective of the optimisation was to maximise profit, i.e.
minimise process time and at the same time maximise product yield.
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1.3 Outline of the Thesis

Section 2 gives an overview of the process considered. The operating procedure, the feed
mixture and the design of the column are described.

The detailed model of the batch distillation is then presented in section 3 and the gPROMS
tool used to simulate and optimise this model is briefly described in section 4. The
mathematical problem that is solved in gPROMS and the solution techniques used by
gPROMSfor the task are further outlined in section 5.

Results from the simulations and optimisations performed are presented in sections 6 and 7
respectively.

Section 8 describes the optimisation of periodic operation and presents the results obtained.

Finally conclusions are drawn and directions for future work are given in section 9.
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2. Process Description
2.1 Components

The objective of the process considered is to produce C10. More specifically, starting with a
feed mixture of over 30 components with an initial concentration of C10 of about 66%, the
goal is aproduct purity of at least 98.5% C10. An example of a gas chromatography analysis
of the feed is shown in appendix A.

2.2 The Column

Both a tray and a packed column are used for the separation of the mixture described above.
Because of time limitation only the tray column has been considered in this work. The tray
column which is used to perform the desired separation consists of 40 trays. Each tray has
about 70 bubble caps and the column is about 13.5 meters high with a diameter of 1 meter.
The process is schematically described in figure 2.1.

2.3 Operation Procedure

For the purposes of this thesis, the duration of the process is normalised, with 100%
corresponding to 100 hours of nominal operation. The pressure difference used to regulate the
production is also normalised.

2.3.1 Reflux Ratio

The operating policy used is a piecewise constant reflux ratio, i.e. the reflux ratio is fixed at a
pre-defined value during the different time intervals of the process. This causes the distillate
composition to change during the operation, as the composition of the mixture in the reboiler
changes.

The operating schedule of the reflux ratio consists of five different cuts:

1. Light component off-cut:
The light components are evacuated. This takes 5 hours with the reflux ratio, R=1.

2. Off-cut:
A lighter component (C4) in the mixture is removed without specification. The duration of
this cut is 14 hours with reflux ratio R=5.

3. Intermediate cut:
The mass fraction of C10 should reach 98.4% by the end of this phase. Thisis achieved by
using areflux ratio of 10 over 16 hours.

4. Main cut:
The mass fraction of C10 in the product accumulator should reach at least 98.5% by the
end of this phase. The reflux ratio is kept at 5 over 7 hours, and is then switched to 8 for
an additiona 54 hours.

5. Heavy component off-cut:
The heavy components are evacuated with maximum pressure and minimum reflux ratio
(R=0). This phase takes 4 hours.
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Condenser
Reflux Drum
Divider :
/ Reflux ratio R

Accumulators

-

Tray column _ _ )
~A Light Off-cut & Intermediate Main cut
component off- heavy cut l
cut component
off-cut Objective:
C10
98.5 %
Process operator
Steam
. (o)
Reboiler o
Condensate

The intermediate cut is mixed with the next feed.

Figure 2.1 The batch distillation column.
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The whole operation takes 100 hours.
2.3.2 Switching Criteria During Oper ation

The temperature in the column is measured during the operation. An example of a simulation
of the temperature in the column is shown below (figure 2.2).

125 ~
120 4 !—'
115 A
110 A
105 A

100 +
95 4
90 1
85 A
80

Temperature [°C]

0 20 40 60 80 100
Time [h]

Figure 2.2 Smulation results of the temperature in the column.

The two parts with the steep gradient that can be observed in the plot tell the process operator
when the off-cut and the intermediate cut begin.

A melting point analysis of the product shows the process operator when the concentration of
C10 has reached the concentration constraint of 98.4% in the divider and the main cut can
start. The analysis of the mixture composition could aternatively be done using gas
chromatography (GC). However, the melting point analysis is much faster than a GC-analysis,
taking about 5 min compared to 30 min for the GC-analysis, and the correlation between the
melting point and the concentration has been proved to be good (Gautheron [12]).

When the mass fraction of C10 in the product in the accumulator used during the main cut
drops below 985 % for a second time, the heavy component off-cut starts since the
concentration of C10 in the accumulator is decreasing after this point (see figure 2.3 below).

0.989

0.988 ,..-"'"F.‘.!—‘“\— Heavy off cut starts
— 0.987
2 11"’“" \
< 0.986 7
X
= 0.985
o
5 0984
£ 0.983
S
= 0.982
Q
O 0.981

0.98

0.979

Time

Figure 2.3 Concentration of C10 in the main cut accumulator.
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2.3.2 Pressure

In addition to the reflux ratio, the pressure difference in the column (measured between
reboiler and condenser) is also used as a control variable for regulating the column operation.
The steam to the reboiler is controlled manually. When the pressure difference in the column
istoo small, the steam flow is increased by the process operator. At the top of the column, the
pressure is controlled with a vacuum pump. The pressure difference in the column should
measure between 0.8 and 1 bar (see table 2.1), except during the light and heavy component

off-cut.

Duration | Reflux ratio Pressure difference

[h] [bar]

Light component off-cut 5 1 -
Off-cut 16 5 0.8

I ntermediate-cut 14 10 0.95
M ain-cut 7 5 1
M ain-cut 54 8 1

Heavy component off-cut 4 0 maximal

Table 2.1 The operating procedure.
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3. The M odel of the Process
3.1 Model Accuracy

In general, increased model accuracy comes at the expense of increased model complexity.
and decreased computational efficiency. This means that the size of the models used in
practice has to be a compromise between accuracy and simplicity to avoid numerical problem
and to retain computational efficiency.

The so-called “short-cut” models for batch distillation have been very widely used in the
literature. Short-cut techniques develop a direct relationship between the composition in the
reboiler drum and the distillate, thus avoiding the modelling of individual trays. This leads to
a significant reduction in model size. This further means that the computational effort is
reduced, which was of crucia importance before today’s powerful computer hardware
became available (Diwekar [7]).

Much research on batch distillation has also been done using models built up by several
simplified sub models, with common assumptions such as constant liquid holdup on the tray,
negligible vapour holdup, constant molal overflow (neglecting the energy balance and liquid
hydraulics on each tray) and ideal equilibrium stages. Some of the assumptions can, however,
cause the models to give answers far from the truth (Furlonge [10]). The usefulness of the
models is reduced, potentially leading to inaccurate decisions concerning operation or design,
if the knowledge of the assumptionsis not good enough (Nilsson [16]).

In the case of batch distillation, the problem of model mismatch is aggravated by the
“integrating” nature of the batch process. Structural or parametric errors in the model causes
the error in predicted composition to increase in magnitude throughout the duration of a
simulated batch run. This is fundamental to the process, and is true for any model solution
technique (Bosley [4]).

With the latest computational capacity currently available at hand, it was possible to make use
of a process model that is more detailed than most other models used for similar purposes.

3.2 The Structure of the Model
The model consists of seven different units:
Tray
Reboiler drum
PI-controller
Condenser
Reflux drum
Divider

Accumulator
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Each unit type is modelled separately. Then, one or more instances of each unit type are
linked together to constitute the model of the whole process, see fig 3.1. This decomposition
approach provides a better overview of the problem, greatly facilitating model development.
Moreover, the constructed model is more flexible than if would be the case had it been written
as asingle large unit. The approach also makes it possible to make use of the already existing
model library at Bayer AG.

| +

Tray 1 Condensor A

y !

Tray 2 Reflux Drum

;i B !

Divider
' : Split
Tray K /\ .......
*T 4Of Accumulator Accumulator
ray - ’
| __Pvap _ _
. \\
Reboiler I-controller
”~
______ ”~
< Steam

Figure 3.1 Flowsheet

The model used considers differential mass and energy balances, liquid non-ideality, and
liquid hydrodynamics, with the liquid flowrate being calculated using the Francis weir
formula (Perry [19]). The influence of the holdup and pressure on every tray is aso taken into
account. A mathematical model of each unit is described in appendix B where also a brief
description of the calculations of physical properties and equilibrium relationsis given.

3.3 Moded Assumptions

The model for the batch distillation column has been developed using a number of model
assumptions (Gautheron [12]). The final model consists of about 4200 variables/equations.
The model assumptions are listed below:

1. Tota condensation with no sub-cooling in the condenser.

2. No entrainment and weeping effects.

3. Constant tray efficiency.
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4. Adiabatic operation.

5. Phase equilibrium.

6. Perfect mixing on the trays and in the reboiler drum.

7. ldeal vapour phase.

At the beginning of the simulation, it is assumed that the material held on the trays of the
column contains only the light key component. This is more accurate than the commonly used
assumption that the initial concentration in the whole column is the same as that of the feed.
The latter assumption has, however, been proved to be of acceptable accuracy (Sadomoto and

Miyahara[22]).

In this work, only the 10 major components of the mixture are considered as shown in table

3.1

Component M ass fraction
[%]

Cl 0.13
C2 0

C4 9.75
C10 66.05
Cl1 0.70
C12 1.35
C13 0.31
C20 15.69
C21 0.92
C28 5.10

Table 3.1 Components considered in the model.

These 10 components sum up to about 97% of the feed and the assumption has been shown to
be very good (Gautheron [12]).



4. gPROMS 16

4. gPROMS
4.1 Features of gPROMS

gPROMS (general PROcess Modelling System) process modelling software tool that is well
suited for the dynamic modelling, simulation and optimisation of chemical processes. One of
the reasons for this is its ability to model and handle discontinuities of the types that very
often occurs in chemica processes (for example, when changing the reflux ratio during a
distillation operation).

gPROMS distinguishes three fundamental types of modelling entity. MODELSs describe the
chemical and physical behaviour of the system, defined by the equations that have been
specified by the user, while TASKSs are descriptions of the external actions and disturbances
imposed on the system. Especially when dealing with batch processes, the modelling of
operating procedures is of great importance. Such operating procedures are very easily
described as TASK entities, as the gPROMS TASK language provides a large variety of
features, with actions being executed in sequence or in paralel, conditionally or iteratively,
thus describing the operation of the process in a very general and flexible way. The third type
of entity isthe PROCESS, which isformed by a TASK driving a MODEL with some additional
information, such as initial conditions and the time variation of the input variables. Thus, a
simulation is defined as the execution of such a PROCESS.

As with any other chemical process, the modelling of batch distillation requires the accurate
consideration of physical properties in order to model the thermodynamics of the process in
an accurate manner. This work has made use of the IKCAPE physical properties package for
this purpose. This package has been interfaced to gPROMS via the gPROMS Foreign Object
Interface (JPROMS Introductory User Guide [21]).

Version 1.7 of gPROMSwas used throughout this study.

4.2 gOPT

Dynamic optimisation in gPROMS is performed by gOPT, which is an interface to the
dynamic optimisation code DAEOPT (Vassiliadis et al. [24] and [25]). The gPROMS input
file for simulation can be used in gOPT without any modifications. Some additional
information that specifically concerns the definition of the optimisation problem has to be
specified in a separate input file. This information includes the specification of the objective
function and the various constraints that the optimal solution has to satisfy, the time horizon
of the operation to be optimised, the control variables to be manipulated by the optimisation
aswell as the allowable forms of time-variation for these controls.

The user also has the option of specifying various parameters that affect the numerical
performance of the optimisation. This is done by creating a parameter file which typically
specifies various tolerances (relative and absolute DAE integration tolerance, steady state
tolerance and optimisation tolerance) and also allows the setting of a flag that instructs gOPT
to use a quicker but dightly less reliable method for calculating sensitivities. If no such
parameter file is provided by the user, the gOPT solver will use default values for al of the
parameters.
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4.3 Limitations Using gOPT

The gOPT solver cannot handle directly discontinuities described by conditional equations (IF
statements). Therefore, any conditional equation used for the simulation has to be
reformulated before the simulation input file is used for optimisation.

In some cases, this can be done using the MAX operator. This is illustrated in the following
example:

IF B

+
A
ELSE
A

I
o

may be reformulated as:
MAX( A 0) = B+C

Another option isto use the (tanh bx+1)/ 2 function. As the positive parameter b grows, this
function is an increasingly accurate approximation of a discontinuous unit step function:

0.9

0.8

0.7

0.6 b=1
0.5 =—Db=10
0.4 m— [p=100
0.3

0:2

0.1

P

Figure4.1 Functiony = (tanh bx +1)/2
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An example of how to use the above function to reformulate an |F statement is shown below:

IF X > 0.5 THEN
B=25
ELSE

B 1.3

may be reformulated in terms of the following equations:

B = 2.5*Al + 1.3*A2
Al = (1 + tanh(b*(x-0.5)))/2
A2 = (1 - tanh(b*(x-0.5)))/2

Here we have introduced two new variables, A1 and A2. Note that, if x is sufficiently larger
than 0.5, then Al»1 and A2»0; therefore, the first equation makes B »2.5. On the other hand,
if x issufficiently smaller than 0.5, then A1»0 and A2»1; and therefore B »1.3.

In fact, this type of reformulation may be generalised to any conditional equation described by
an IF statement. Consider the general conditional equation:

IF g(x) > 0 THEN
f1(x) = 0
ELSE
f2(x) = 0

where g(x), f1(x) and f2(x) are general functions of a vector of variables x. This can be
reformulated in terms of the continuous equations:

A1*f1(x) + A2*f2(x) =0
Al =(1+tanh(b*g(x)))/2
A2 = (1 - tanh(b*g(x)))/2
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5. The Mathematical Problem of Dynamic Optimisation

5.1 The General Form of the Dynamic Optimisation Problem

The mathematical model of achemical processis usualy described by a set of differential and

algebraic equations, often abbreviated as DAEs. These equations can be written in the

following way:
e

EX(t), x(t). yt).u(t)v

where X(t) = differential (“state”) variables

f =0 "t ot,] (5:1)

QO

x.(t ) = time derivatives of the differential variables
y(t) = algebraic variables

u(t) = control variables

v = timeinvariant parameters

t; = time horizon of interest

To solve the above equation system, initial conditions need to be given. These can be
described by a set of general non-linear relations:

I ?((0) x(t) y(O), u(O),vQ =0 (5:2)

7]

Suitable initial conditions for optimisation of batch distillation are initial holdup, temperature
and composition throughout the column (Furlonge [9]).

Optimisation in gPROMS aims to determine the time profile (or traectory) of the control

variables and/or the values of the time-invariant parameters which maximise or minimise a
specified objective function while at the same time satisfying any imposed constraints. These
constraints could be path constraints, interior point constraints or end-point constraints.

Path constraints are defined during the whole time horizon and may be written as.

h?é&(t), x(t), y(t),u(t),v,tg£ 0 "t1 |ot,] (5:3)

Interior point constraints are only defined at particular instances in time:

g§((t' ), k(tl )’ Y(tl )’u(t| )’V’tl EEO I =12... (5:4)

End-point constraints are those that must be satisfied at the final time of the operation.
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For aminimisation problem, the objective function is of the general form:

e ok ok Lo 8 59

2

5.2 Solution Techniques

The solution technique used for optimisation in gOPT is called control vector
parameterisation (CVP). The CVP method employs a parameterisation of the control variables
u(t), assuming that they are described as a particular class of functions of time (for example,
piecewise constant or piecewise linear functions) expressed in terms of a finite number of
parameters.

At each optimisation iteration, the optimiser specifies certain values for the optimisation
decision variables; the latter comprise both the parameters describing the control profiles u(t),
and the time-invariant parameters v. An integration of the DAE system can then be performed
over the whole time horizon to evaluate the constraints and the objective function. The partial
derivatives of these quantities with respect to the optimisation decision variables can also be
evaluated during thisintegration if required by the optimiser.

The solution method using CVP is made as efficient as possible by adjustment of the time
step and the order of integration method during each integration. The algorithm for dynamic
optimisation using CVP isshown in fig 5.1 (taken from Furlonge [9]).

The repeated integration of the DAE system could be avoided by use of collocation
techniques, where the state and algebraic variables are discretised as well (Logsdon and
Biegler [15]) and a non-linear optimisation problem is then solved. However, this often leads
to extremely large non-linear optimisation problems with thousands of equations which might
be difficult to solve.
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Initial guesses of optimisation decision variables
(m= parameter of control
variable parameterisation
v =time-invariant parameters
t; =time horizon)

NL P(nonlinear
programming)
step
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DAE
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objective function
and constraints

No

Are
optimality conditions
satisfied?

END

Figure 5.1 Algorithm for dynamic optimisation using CVP.
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6. Simulation of the Batch Distillation Column

A simulation of the column was performed to compare the profiles with the results from the
simulation performed in SPEEDUP and furthermore to evaluate the performance of gPROMS
during simulation.

6.1 Operating Procedure

For numerical reasons, the operating procedure was dlightly modified compared to the
operating policy used during production (cf. section 2.3.1):

The light off-cut, was simulated for a period 7 h instead of 5 h, with a reflux ratio of 5
instead of 1.

The heavy component off-cut was neglected.

The pressure difference in the column was held constant at 1 bar during the whole
smulation.

Operating procedure of the simulation:

Reflux ratio Duration [h]
Light off-cut 5 7
Off-cut 5 14
I nter mediate cut 10 16
Main cut 5 7
Main cut 8 54

Table 6.1 Operating procedure during simulation.

The total smulated operating time was thus 98 h.

6.2 Initialisation

For the initialisation, the column trays are assumed to contain only the light components of
the mixture, whereas all the other components are charged to the reboiler. All the initial
conditions given in the gPROMSfile can be found in table 6.2.

To provide al the other variables of the equation system with reasonable initial guesses, a
saved file from aformer simulation was restored in the PRESET section of the gPROMSfile.



6. Simulation of the Batch Distillation Coulmn 23
Tray(i) Reboiler Accumulator 1 | Accumulator | Accumulator | Reflux Drum PI-
and 2 3 4 controller
X(1) =1.0 |x(1) = 0.00066 x(1) =10 x(1) =0.01 x(1) =0.01 dMm, 0.0 Error = 0.0
dt
x(2) =0.0 [x(2) =0.00147 x(2) =0.0 x(2) =0.0 x(2) =0.0 dM _ 0.0
dt
X(3)=0.0 [x(3)=0.149 x(3)=0.0 x(3)=0.0 x(3)=0.0 du _ 0.0
dt
X(4) =0.0 |x(4)=0.663 X(4) =0.0 x(4) = 0.06 X(4) =0.0
x(5) =0.0 [x(5) =0.007031 x(5) =0.0 x(5) = 0.91 x(5) = 0.98
X(6) =0.0 |x(6) =0.0136 X(6) = 0.0 X(6) = 0.03 X(6) = 0.0
x(7) =0.0 |x(7)=0.001 x(7) =0.0 x(7) =0.0 x(7) =0.02
X(8) =0.0 |x(8)=0.12 X(8) =0.0 X(8) =0.0 x(8) =0.0
x(9) =0.0 [x(9) =0.006805 x(9) =0.0 x(9) =0.0 x(9) =0.0
X(10) = 0.0 [x(10) =0.0037434 |x(10) =0.0 x(10) = 0.0 x(10) = 0.0
dv 0.0 Level =1.0 M =0.01 M =0.01 M =0.01
dt
du du
—=0.0 —=0.0
dt dt

Table 6.2 Theinitialisation conditions for simulation.

6.3 Simulation of the Simplified M odel

Before the actual detailed model with 10 components and 40 trays was simulated, a
simulation of a ssimplified model was performed. This model contains only 5 components (see
table 6.3) and 20 trays. Moreover, a modified pressure drop relationship was used.

In order to make the model of the 20-tray column comparable with the actual 40-tray column,
the diameter of the column and the downcomer volume were doubl ed.
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Component Massfraction
[%]
C1 0.13
C4 9.75
C10 66.75
C12 1.35
C20 22.02

Table 6.3 Feed composition for the simplified model.

During the ssimulation of the light off-cut of the smplified base case the reflux ratio was set to
3 (R = 3 was the reflux ratio used during the simulation of the light off-cut in SPEEDUP), as
it did not cause any numerical problems in contrast to the ssimulation of the model with 10

components and 40 trays.

The composition (mass fraction) profiles obtained in the divider and the reflux ratio variation

are shown below:

Simplified Base Case
Cc2 4 C10
1 A ——— / T 12
0.9 - \
-+ 10
0.8 | Reflux|Rati
=07 - A
= -+ 8
E 0E _Loi?fht I mter mediate
- Qut
g cut
g 0.5 - Qff-gut 15
= Main Cut
E 0.4
S 0.3 T4
i
0.2 {5
0.1 1
|:| . T T T T T T : | T |:|
1] 10 20 30 40 a0 =1 70 an =] 100
Time [h]

Reflux Ratio

Figure 6.1 Reflux ratio and divider mass fraction profiles of simplified model at base case.
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6.4 Simulation of the Detailed M odéel

Stability problems during the simulation of the detailed model with 10 components and 40
trays were solved by using the linear algebraic solver MA28 instead of MA48, which is the
default solver in version 1.7 of gPROMS. This caused the simulation time to be even longer
than if only the higher complexity of the base case model (the double amount of trays and
components) had been influencing the simulation time.

The resulting mass fraction profile in the divider together with the used reflux ratio profile
may be seen below:

Base Case
C2 4
C10
| K 12
0.9 - ( i \
JLignt - 10
0.8 Olff- Beflux Ratio
= 0.7 1™ | | ]|off: A
= cut T 8
206 - li nter mediat Maln Cyt o
= Cutt E
-% 0.5 H TE x
§ 0.4 E
8 14
S 03
)
0.2 4 15
0.1 4
I:I T Ih r\-q_ T T T I:I
1] 10 20 30 a0 a0 B0 70 a0 a0 100
Time [h]

Figure 6.2 Reflux ratio and divider mass fraction profiles of detailed model at base case.

The results from the simulations agree very well with the results obtained using SPEEDUP,
and they do furthermore very accurately coincide with analyses made of the operating process
(Gautheron [12]).
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6.5 g°PROMS Perfor mance

The simplified model took just over an hour to simulate on a SUN (UltraSparc Enterprise)
computer and the simulation of the detailed model took about 5 hours with the same computer
(see table 6.4). Considering that the model was to be used for optimisation, where this
simulation calculation has to be performed several times, thisistoo long, for both cases.

The models were also simulated on a SGI computer, Origin 2000. The times for simulation
were then reduced to just over a minute for the simplified model and about 20 minutes for the
detailed model (table 6.4). For the detailed model, albeit acceptable for ssimulations, this is
still too long for achieving reasonable optimisation time. However about 66% of this time is
used only to simulate the light off-cut. It was therefore decided to omit the light off-cut from
consideration during optimisation (see further section 7.).

Stability problems during the simulation were solved by using the linear algebraic solver
MA28 instead of MA48, which isthe default solver in version 1.7 of gPROMS. The drawback
of using MA28 isthat it uses slightly more computational time, as can be seen in table 6.4.

SUN ULTRA Origin 2000 (MA28) | Origin 2000 (MA48)
(MA28)
Simplified model 3993 CPUs 94 CPUs 73 CPUs
Detailed model 19148 CPUs 1218 CPUs (20 min) | 1099 CPUs (18 min)
Detailed model Not simulated 417 CPUs (7 min) 358 CPUs (6 min)
without light off-cut

Table 6.4 Computation times of simulation.
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7. Optimisation

The objective of the optimisation was to maximise the profit, i.e. to maximise the yield of C10
and minimise production time.

The optimisation of the process using DYNOPT was only possible using the simplified

model. In order to be able to make an accurate comparison of the optimisation results, ideally
the optimisation should have been performed using both models. However since the objective
of this work was to consider the optimisation of the entire batch of the detailed model as a
benchmark for the evaluation of the performance of gPROMSgOPT, only the detailed model

was optimised.

As aready mentioned, the time for simulation of the whole batch was too long to achieve
reasonable optimisation times. Therefore the light off-cut was not considered, which reduces
the simulation time by about 66%. The heavy component off-cut was not considered, asiit is
aready performed in the quickest way possible, i.e. maximal steam pressure to the reboiler
and no reflux. Both of these simplifications were made when optimising in DY NOPT as well.

The optimisation was first performed in two steps, like it had been done using DYNORPT. The
first step was to optimise the off-cut and the intermediate cut. The column was then initialised
with the state variables at the end of the intermediate cut, and the main cut was optimised over
the remaining time horizon. After the two parts had been optimised separately, the operation
was also optimised in asingle run. The only control variable during the optimisations was the
reflux ratio. The base case profile of the reflux ratio was aways used as the initial guess.
7.1 Off-cut and Intermediate Cut Optimisation
The off-cut and the intermediate cut were optimised with the objective of minimising the loss
of C10 and the production time. At the end of the intermediate cut, the mass fraction of C10
from the divider has to exceed 98.4%; this was the only endpoint-constraint imposed on the
optimisation.
The objective function to be minimised was formulated as.
Cost = tprod/t* prod + MClO/ M*Clo (7:1)

where:

torod = production time [h]

t prod = Production time before optimisation = 30 [h]

Mcio= C10 in intermediate cut [kg]

M’ c10 = C10 in intermediate cut at base case = 1333 [kg]

The computation time used for optimisation was 11064 CPUs (about 3 h) using 13
optimisation iterations to find the optimum.

The optimal profile with 6 different intervals of reflux ratios results in a new production time
of 21 h, which compared with the 30 h used in the base case, represents an improvement of
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30%. The loss of product in the intermediate cut was also reduced. At optimum, the loss is
446 kg compared with 1333 kg during the base case, i.e. areduction of product loss by 66.5%.

The resulting mass fraction profile in the divider together with the optimal reflux ratio profile
are shown in figure 7.1.
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Figure 7.1 Reflux ratio and divider mass fraction profiles at optimum for off-cut and
intermediate cut.

7.2 Main Cut

The objective of the optimisation of the main cut was to maximise the yield of product at the
same time as minimising production time. At the end of the main cut, the mass fraction of C10
should reach over 98.5% in the main cut accumulator. This was the only endpoint-constraint
that was imposed on the optimisation.

The objective function to minimise was formulated as.

Cost = tprod — kIMClO (72)

where:
torod = Production time [

Mcio= C10in main cut [kmol]
k=15
The parameter k is used to weight the influence of C10 produced compared to that of tyqq. By

performing different optimisations, the most appropriate value of k was found to be 1.5. This
gives a reasonable production time while the product yield is aso improved.
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The new production time for the main cut was 55 h, which represents an improvement of 5%
over the production time of 58 h for the base case. The yield of product was improved by
6.5%, from 5368 kg to 5714 kg.

The number of control intervals used was 7, and the optimisation took 5606 CPUs (just over
1.5 h), using 13 optimisation iterations. The reason why this optimisation run only uses about
half of the time used for optimising the off-cut and intermediate cut, is that the variations of
the variables are much smaller, less happens in the column and the integrator can therefore
take larger steps. This makes it possible to use the MA48 solver, which as shown by our
simulation results, is faster than the MA28 solver that was used for the optimisation of the off-
cut and intermediate cut.

The resulting mass fraction profile in the divider together with the reflux ratio profile are
shown in figure 7.2.
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Figure 7.2 Reflux ratio and divider mass fraction profiles at optimum for main cut.

The optimisation results agree quite closely with results obtained using DY NOPT with the
simplified model (Gautheron [12]). Differences can be explained by the different model
complexities.

7.3 Optimisation of the Operating Procedur e of the Entire Batch

Before the operating procedure of the entire batch could be optimised, the problem of
switching from the intermediate cut to the main cut without using any IF statements in the
model had to be solved. The solution of the problem was to use a tanh function, as described
in section 4.2. Since gPROMS cannot currently handle excessively large values of the
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the argument of the tanh function, a max and a min function additionally had to be used to
[imit this argument to the range [-100,+100], as shown below:

y = tanh(min(100,max(-100,b* (0.5— x))))/2 (7:3)

The model used for this optimisation employs a single accumulator used to collect the main
cut. We recall that the main cut starts when the mass fraction of C10 in the divider exceeds
98.4%. At this point, the divider flow is switched to the main cut accumulator and the main
cut accumulator starts to fill up. The main cut continues until the mass fraction of C10 in the
accumulator reaches 98.5% for a second time (i.e. the concentration of C10 in the
accumulator is decreasing) independent of the concentration of C10 in the divider. This
behaviour was achieved by use of an additional tanh function and a max function, that
controls the liquid flow to the accumulator. The flow is multiplied by O before the main cut
and by 1 as soon as the mass fraction of C10 from the divider exceeds 98.4% and the main cut
has started.

The number of control intervals for the reflux ratio was set to 13, which is equal to the sum of
intervals during the two separate optimisations of the off-cut and intermediate cut and the
main cut.

Because of the same stability problems during the off-cut and the intermediate cut as before,
the MA28 solver had to be used during the optimisation. The objective function to be
minimised was the same as during the optimisation of the main cut (see equation 7:2).

The results from the optimisation of the entire batch of the detailed model are not very
different from the two separate optimisations. The yield of product was 5814 kg, which is an
improvement of 8.3% compared to the 5368 kg achieved at base case, and 1.8% more than
what was achieved when the main cut was considered separately. The new operating time
obtained was 75 h, 15 % shorter than for the base case (88 h), and 1 hour less than for the
combined production time of the two separate optimisations. The better results of the
optimisation of the entire batch compared to the two separate optimisations are explained by
the larger number of degrees of freedom when the entire batch is optimised (e.g. the number
of intervals during the off-cut and intermediate cut are not fixed during the optimisation of the
entire batch). The larger number of degrees of freedom also explains the longer computational
time required by the optimisation: 40.9 h performing 85 optimisation iterations.
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The resulting profile of divider mass fraction and reflux ratio at the optimum are shown in
figure 7.3.
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Figure 7.3 Reflux ratio and divider mass fraction profiles at optimum for the entire batch.
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7.4 Summarised Results

Summarised results compared with base case:

Off-cut & Main cut Entire batch
I nter mediate cut
Batch time 21h -30% 55h -5% 75h -15%
Product yield 446 kg | -66.5% |5714kg| +6.5% | 5814 kg +8.3%

Table 7.1 Summarised results of the optimisations.

gPROMS performance during optimisation:

Off-cut & Main cut Entire batch

I ntermediate cut
CPU time of 11064 sec 5056 sec 147337 sec
optimisation (3.1h) (1.6 h) (40.9 h)
Number of
optimisation 13 13 85
iterations
Linear Algebraic MA?28 MA48 MA?28
Solver
I ntervals of control 6 7 13
variable optimised

Table 7.2 Summarised results of gPROMS performance during optimisation

A more detailed account of the gOPT settings and the gPROMS performance during the
optimisations may be found in appendix C.
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8. Periodic Operation

In practical operation, the contents of the accumulator used during the intermediate cut are
mixed with the fresh feed for the next ditillation batch and is then charged to the reboiler
drum (see figure 2.1). This implies that the composition and amount of mixture obtained
during the intermediate cut will influence the next batch run and its operating procedure. To
take this effect into account, a periodic optimisation has to be performed considering the
whole operating procedure as well as the set up time between every batch run.

8.1 Optimisation with a Multiplexer

For the optimisation of the periodic operation, a separate accumulator is needed for each cut.
This can be achieved by using a multiplexer. The multiplexer determines the flow received by
the accumulator for each of the three different cuts according to the following formulae:

Accumulator 1: Liquid stream from divider* (Acc-2)* (Acc-3)/2
Accumulator 2 : Liquid stream from divider* (Acc-1)* (Acc-3)/(-1)
Accumulator 3: Liquid stream from divider* (Acc-2)* (Acc-1)/2

The multiplexer adjusts the value of the control variable Acc. During the off-cut, Acc is kept
at the value 1; it can be verified that, in this case, only accumulator 1 receives a non-zero flow
from the divider. When the intermediate cut starts, the value of Acc is set to 2, and liquid only
flows into accumulator 2. Finally, during the main cut Acc has the value of 3 and all product
will be gathered in accumulator 3. The values of Acc are set in the gOPT-file used for
optimisation, which means that the number of intervals during each cut has to be fixed with
this method.

The use of a multiplexer also provides an alternative way of switching from the intermediate
cut to the main cut. The constraint that the mass fraction of C10 has to exceed 98.4% in the
divider at the start of the main cut can be imposed as an interior point constraint at the
beginning of the first interval of the main cut in the gOPT-file instead of using a tanh function
(cf. section 7.3).

Except for using three accumulators instead of only one, exactly the same constraints, number
of intervals and initial conditions as before were used for the optimisation using the
multiplexer. The objective function of the optimisation and the switching criterion were also
the same.

The resulting profile of divider mass fraction and reflux ratio can be seen in fig. 8.1 and the
results of the optimisation compared to the optimisation of the entire batch without the use of
the multiplexer are summarised in tables 8.1 and 8.2.

As can be seen in the plot of the resulting profiles (fig. 8.1) the component C4 is not separated
from the mixture during the off-cut but a large amount of component C4 ends up in the
intermediate cut which is not desired during operation of the column. An additional constraint
IS necessary in order for the optimisation to be able to determine when the off-cut ends and
the intermediate cut starts during periodic operation. Without such a constraint, there is no
way of determining the optimal division of the two different cuts, and the optimisation
problem becomes degenerate (i.e. it has an infinite number of solutions, all with exactly the
same value of the objective function). From the simulation of the detailed model at base case
(seefig 6.2) it can be observed that a constraint on the mass fraction of C4 to be less than 10%
at the end of the off-cut, would be a good possibility to ensure that the appropriate switching
conditions between off-cut and intermediate cut can be met. An optimisation with the
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additional constraint should be performed, but because of time limitations it was not possible
to include the optimisation in this thesis.

Optimisation with Multiplexer
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Figure 8.1 Reflux ratio and divider mass fraction profiles at optimum when using a
multiplexer.
Optimisation with multiplexer | Optimisation without multiplexer | Base case
Batch time 75h -15% 75h -15% 88h
Product 5879 kg +9.5% 5814 kg +8.3% 5368 kg
yield

Table 8.1 Results of the optimisation with multiplexer compared to base case.

Optimisation with Optimisation without

multiplexer multiplexer

CPU time of optimisation 168472.6 sec 147337 sec
(46.8 h) (40.9 h)

Number of optimisation 78 85
iterations
Linear Algebraic Solver MAZ28 MAZ28
I ntervals of control 13 13
variable optimised

Table 8.2 gPROMS performance during optimisation with multiplexer.

A more detalled summary of gOPT settings and gPROMS performance during the
optimisations may be found in appendix D.
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8.2 Optimisation of Periodic Operation

For the optimisation of periodic operation, new variables and parameters had to be introduced
into the model. The holdup and the composition of the mixture in the reboiler at the beginning
of every batch run was calculated as the mixture obtained by combining fresh feed with the
contents of the intermediate cut accumulator at the end of the batch.

In order to perform a periodic optimisation the following additional equations were
introduced into the accumulator model of the intermediate cut:

DM, (t) =M, (t) - M; (8:1)

Dx,; () =%, (t) - Xf,i (1) (8:2)

Both M and x; are time-invariant parameters to be determined by the optimisation. They
represent the amount of material and the mass fractions in the intermediate cut accumulator at
the end of the batch. This interpretation can be implemented by enforcing the end-point
constraint:

DM, (t,)? + 8 Dx,, t,) £ ©3)

i=1

which practically ensures that, at the final time t;, M, (t;) » M, and X,i(t,;) » X;, . Although

theroretically e should be set to 0, in practice a value of 10° was used to avoid an excessive
number of optimisation iterations.

The materia in the intermediate cut is recycled to the reboiler where it is mixed with the fresh
feed. To account for this fact, the following variables and equations were introduced into the
reboiler model:

DM, =M, +M - M,

Dx. = MF xXF,i +M| xXI,i
Bi — * - XB,i
M. +M;

where Mg and Xg; represent the amount and composition of the fresh feed respectively, while
Mg and xg; are the corresponding quantities for the combined feed. This allows us to impose
the following initial conditions at the start of the optimisation:

DM £ (0) =0
Dxs; (0)=0
which is equivalent to enforcing the desirable mixing constraints:
Mg(0)=M_ +M;

(M +MT)XB,i(O)=MF XX i +M|*XX|*,i
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As the light off-cut is not included explicitly in the model, its influence is approximated by
the use of constants, | ;:

DM I;,i (O) = (M riTM || )’4 i - Myg; (O)
wherel ; isthe fraction of component i removed during the light off-cuit.

The objective function to be optimised was:

M C10

. ® 0
Profit=& T (8:4)
gtprod +tsetup + tIight_off-cut g

Where teerp IS approximated to 7 hours. tign_ort-cut WaS Set to 7 hours as during the simulation.

An optimisation was performed with fixed amount and composition of the fresh feed. This
optimisation resulted in a shorter production time, but less product was produced compared to
the base case. The result is explained by the fact that the fresh feed was fixed during the
optimisation. When the intermediate cut is optimised, the total feed charge will be less than
before, because of less amount of mixture in the accumulator of the intermediate cut. This
further means that less product will be obtained at the end of the next batch run. As a
consequence the amount of product obtained during the intermediate cut will not be made
smaller by the optimiser. Instead, only the time of production is decreased to maximise the
objective function. However when the production time is decreased the yield of product
during the main cut is not as large at the end of the operation as if the production time would
be allowed to be longer, and this explains why the product yield obtained is actually less than
during the base case. An easy way of getting around the problem is to optimise the amount of
fresh feed as well. Thus an optimisation with the amount of fresh feed as an additional time
invariant parameter was performed.

Optimisation of periodic operation Base Case
with fresh feed asfixed parameter

Batch time 69 h -22% 88h

Product yield 5057 kg -5.8% 5368 kg

Table 8.3 Results of optimisation of the periodic operation compared to base case.

8.3 Optimisation with Fresh Feed as Time Invariant Parameter

As predicted this optimisation resulted in both a decrease of production time and an improved
yield of product. The production time was decreased by 10% and the yield of product was
improved by 7.1% compared to the base case (see table 8.4). The results took 69 h for the
gOPT solver to obtain. A detalled summary of the gOPT settings and the gPROMS
performance during the optimisations may be found in appendix D. As can be seen in the plot
of the resulting mass fraction and the reflux ratio profiles (see fig 8.2) the concentration of C4
clearly goes below 0.10, before the intermediate cut starts, to avoid too much of C4 in the
charge to the next batch.
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Optimised Periodic Operation
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Figure 8.2 Reflux ratio and divider mass fraction profiles at optimum of the periodic

operation.
Optimisation of periodic operation Base Case
with fresh feed astimeinvariant parameter
Batch time 79h -10% 88h
Product yield 5751 kg +7.1% 5368 kg

Table 8.4 Results of optimisation of the periodic operation compared to base case.

A comparison of the reflux ratios of the optimisation with the multiplexer and the
optimisation of the periodic operation also clearly shows that the reflux ratio profiles differ
when there is an incentive to make the concentration of C4 lower during the intermediate cut.
The difference makes the concentration of C10 in the intermediate cut accumulator at the
periodic operation higher, as unwanted components are gathered in the off-cut accumulator

instead.
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Figure 8.3 Comparison of the reflux ratios.
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9. Conclusions and Directions for Future Work
9.1 Conclusions

The optimisation of the batch process shows that it is possible to reduce the time of
production while ssmultaneously increasing the product yield, just by modifying the time
variation of the reflux ratio. More specifically, results obtained from the performed
optimisation of the model of the batch process were:

15% less time of production

9% higher product yield.

The optimisation took about 41 h of computation to perform on a SGI Origin 2000.

A new procedure of the reflux ratio could easily be realised in the plant without any additional
investment costs and would result in a noticeable increase of profit.

However, as the actual process is operated periodically, the amount of product at the end of
the operation is not the only factor that affects the profit. The mixture obtained during the
intermediate cut that is mixed with the fresh feed also influences the production. This was
accounted for when performing the optimisation of the periodic operation. The results from
this optimisation were:

10.5% less time of production

7.9% higher product yield
The duration of the optimisation this time was about 69 h.

The results were obtained when the amount of fresh feed was considered as a degree of
freedom for optimisation. If the fresh feed is set as a fixed parameter, i.e. not optimised during
the whole periodic operation, the amount of product obtained will as a matter of fact be less
than at base case.

An important conclusion to make regarding the performance of gPROMS is that it is possible
to use gPROMS to optimise a detailed model of a batch distillation column within acceptable
times of optimisation. However a very fast computer is needed, like for example a SGI Origin
2000 used in this work. The default solver in version 1.7 of gPROMS, MA48 was observed to
not be as stable as the MA28 solver, which therefore was used in most cases, even though it
requires slightly more computational time.

9.2 Directions for Future Work
In the immediate future the optimisation of the entire batch with the multiplexer formulation,

including the additional constraint at the end of the off-cut, should be performed to make sure
that reliable results are obtained.
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The optimisation could include even more intervals, or the optimisation could be performed
with just the number of intervals and a bound for the alowed time horizon of the whole
operation time set, instead of fixing the number of intervals for each cut.

The model could be made even more detailed, for example by using tray efficiencies that vary
over time. The time to simulate the model would then of course increase and it would be even
more important to find a way to make the simulation of the model faster. One option could be
to include equations used by the foreign object IKCAPE directly in the model. The solver of
gPROMS would then work more effectively. A shorter simulation time would also make it
possible to optimise the whole operation, including the light component off-cut and the heavy
component off-cut making the optimisation results of the periodic operation more reliable.

The actual composition of the feed charged during one batch distillation can not be known
precisely, as the composition of the fresh feed arriving from upstream units varies due to
variations in process conditions. However the feed composition has shown to influence the
operation procedure in a great extent (Gautheron [12]), thus optimisations with different feed
compositions should be performed. This shows two potential areas for future work. First the
optimisation of process operation under uncertainty due to the uncertain composition of the
fresh feed, and secondly on-line optimisation to account for this uncertainty by improving
operating conditions during the actual operation of each batch. However, the latter option
requires anumerically tolerant model and very fast computing times during optimisation.

Finally, as already mentioned, the production is also performed with a packed column instead
of atray column. This batch process could aso be optimised in gPROMS using the aready, in
SPEEDUP, developed model (see Gautheron [12]).
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Nomenclature

A Antoine' s coefficient
Area cross sectional area

B Antoine' s coefficient

bias steady state control value
C Antoine' s coefficient

Cp heat capacity

Error set point and variable error
f fugacity

Frak vapour load (F-factor)

g acceleration due to gravity
gan controller gain

h specific enthal py

DH®59g latent heat of vaporisation
DHV#® heat of vaporisation
height liquid level in reflux drum
by liquid level on tray

Nuweir weir height

h weir height of liquid above weir
lerror integral error

lin input signal

k equilibrium coefficient

¢ heat transfer coefficient
Kiig liquid flow coefficient

L liquid flowrate

Leve liquid level in reboiler

[ weir length

M molar holdup

MW molecular weight

Nc number of components

P pressure

p° vapour pressure of pure component
DP pressure drop

DP, dry pressure drop

Q rate of heat transfer

R reflux ratio

reset reset time of Pl-controller
Sp set point of Pl-controller
T temperature

U internal energy

v molar volume

V downcomer volume of downcomer

Vi liquid load

vaue calculated value of Pl-controller
Vges volume reboiler

w mass holdup

Wy vapour velocity

X liguid composition

XM liquid composition

y vapour composition

kJ/(kmolK)

m/s(kg/m’)®>

m/s?

kJkmol
kJkmol
kJkmol

3333

W/mPK
kmol'm?¥h
kmol/h
m/m

m

kmol
kmol/kg

bar
Pa
mbar
mbar
W

°C

kJ
m/kmol
m3
m/(m?h)

m3

kg

m/s
kmol/kmol
ka/kg
kmol/kmol
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Greek Letters

e liquid fraction

F fugacity coefficient
g activity coefficient
h tray efficiency

I constant

m parameter of control variable
r density

Subscripts

B batch

C condenser

F feed

I intermediate cut

i component

in inlet

k tray

out outlet

R reboiler drum

crit critical point
Superscripts

L liquid

\% vapour

ideal composition

kg/nt
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Appendix A
Feed Composition

Reboiler

C1 isthe light component and C30
is the heavy component.

[ C1
Cc2

C3
C4
C5
C6
C7
C8
C9
C10
Cl1
C12
C13

Cl4
C15
C16
C17
C18
C19
C20
C21
C22
C23
C24
C25
C26
C27
C28

C29
K C30

0,03
0,08
0,02
9,45
0,11
0,06
0,03
0,03
0,07
66,05
0,70
1,35
0,31
0,02
0,03
0,86
0,07
0,12
0,10
15,69
0,23
0,94
0,08
0,03
0,03
0,05
0,01
0,09
3,14
0,22

Figure A.1 GC analysis of the feed composition
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Appendix B
The Equations of the M odel

B.1Tray

.
!
=

— P,
-
»Q
E’;\—
EI
H
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0004_:_

O ge ~° & O-o
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- 08 29500 Q e O o°
o | o Pog D g e Do Do Do |
i °T ______________________
] |L-k, Xik y Vk+{_/, Yiker
h ks T ks P k h k+1, T k+1s P k+1

Figure B.1 Tray

Molar balance on component i:

dM,

dt’k = X1 in Vi Vi = X X - Vi XV
Energy balance:
du,

= hkLl XL, + h:</+1 A1 - hkL X, - h|\</ X/,

dt

Liquid and vapour contributions to component holdup:
M =X, M +y, MY

Liquid and vapour contributions to total internal energy:
U, =h XM +h/ xM! - P »,

Equilibrium relationship:

Yie =hx x¢ +(1-h)xy,,

Normalisation equations:

NC NC
[e) [e)
aX,=a VY =1

i=1 i=1

i= 1,--NC

= 1,--NC

(B:1)

(B:2)

(B:3)

(B:4)

(B:5)

(B:6)
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Ideal mixing:
Xk = Xkt
Liquid holdup on the tray:

downcomer ) xr liq

_ (Areaxh,,, € +V

My
I\/IVVqu
Weir formula:
145 @ /1,6 c aF_ - 02x[r 6
h\;\,dr:hwdr T — T + LG vap -

Liquid and vapour load:
Vi Hd, X =10, MW,

lig

1/2
vap

Frac =Wy Xr
Wg X vap xArea :Vk+1 >(I\/I\Nvap
Pressure drop acrosstray:

DP =h, X i X9 + DR,

DPtr = f(FFak)

B.2 Reboiler Drum

t t
L, Xmi,R Vo, You iR
hLR,!TLR’ PLR hVR,!TVR! PVR
vV
P'r
_____ N
. N\
Y Pl-controller
s | SN Ok __ e
g

Steam pressure

Figure B.2 Reboiler Drum

g € g ng)(rliq_ rvap) 8 (1' el)

(B:7)

(B:8)

(B:9)

(B:10)

(B:11)

(B:12)

(B:13)

(B:14)
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Molar balance on component i:

d'\/Ii,R — uin in out out HE—

& =x'r XUk - VR Vg I1=1,.N¢
Energy balance:
du

dt = hli; XLiS B h\é NREM +Qg

Liquid and vapour contributions to component holdup:
M g =X g XM + Yo% XM i=1,..Nc
Equilibrium relationship:
Yi =k %

Normalisation equation:
avy =1

Liquid holdup:

Level ¥/ X ;. = M XMW,
Heat conduction:

Heat = OOO]')« ><Apipe ><Leve| + Apipe,bottom)><Tﬂeam - Tliq)

e = aXog(Steampressure) + b

where a and b are constants.

B.3 Pl-controller

Error = Sp- |,
d(lerror) - Error
dt

: : I grror ©
value= bias+ gam&rror +—Srer -
e reset g

(B:15)

(B:16)

(B:17)

(B:18)

(B:19)

(B:20)

(B:21)

(B:22)

(B:23)

(B:24)

(B:25)
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B.4 Condenser

VmC! yi,Cv hVCv TVC! PVC

Qc
LOUIC; Xi,Cv hLC! TLC! PLC
Figure B.3 Condenser
Molar balance on component i:

yi,c = Xi,c i= 1,--NC
Molar balance:

v =L

Energy balance:

YA =R+ Q,
Equilibrium relationship:
Yiou = Ki 2% o
Normalisation equation:

é yi out = 1

B.5 Reflux Drum
Lin, Xiin

hI_in,a TLinv I:)Lin

v

Height I

Lout, Xi,out

L L
h OUt,vT outs PLout

Figure B.4 Reflux Drum

(B:26)

(B:27)

(B:28)

(B:29)

(B:30)
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Molar balance on component i:

dM,
=) ox - x XL i=1,.Nc

i,in in iout out
dt

Energy balance:

du
— = hil;1 XL, - hgw XL
dt

out out

Liquid holdup:

Lout = kliq >¢]eightlls

M XMW, =, xArea xHeight
B.6 Divider
I—in, Xin, hl_in, TLin; I:)Lin
To column: To accumulator:
LOut,la XOUt,li hLOut,la LOLut,Za XOUIE,Zi hLOut,Za
TLout,la I:)Lout,l T out,2s P out,2

Figure B.5 Divider

Mass balance:

L,=L

in + I‘0ut,2

out,1
Lout,l = I-in R
Enthalpy balance:

hL

out,1

= hil;1 xR
hy, . = hi {L- R)/R
Equilibrium relationship:

Xin = Xour,x = Xout,2

(B:31)

(B:32)

(B:33)

(B:34)

(B:35)

(B:36)

(B:37)

(B:38)

(B:39)
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Pressure:
L — L — L
Rn - I:)out,l - Pout,z

Temperature:

L — L — L
Tin - Tout,l - Tout,2

B.7 Accumulator

L
Lin, Xijns T in

v

Figure B.6 Accumulator

Molar balance on component i:

dM, _

T - Xin,i >4—in i= 1,--NC

Liquid Volume:

Volumexr . = M XMW,

lig

Conversion to mass units:

W, = MW, XM, i=1,.Nc

W,

Xy i =

PN
aWw

i=1

B.8 Equilibrium and Physical Properties Calculations

(B:40)

(B:41)

(B:42)

(B:43)

(B:44)

(B:45)

Equilibrium between the vapour and liquid phase is reached when the pressure, the
temperature and the chemical potential of every component and the chemica potential of
every component in both phases are the same. The equilibrium can be calculated by use of the

fugacities, which will be equal in both phases at equilibrium:

ft =V
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Thisleads to:

gi X xfi = F =y xp

where the following approximations may be made:
at low pressure; f; = p;
ideal vapour phase: F, =1
ideal liquid phase: g, =1

The separation in most separation columns used in chemical industries are operated at relative
low pressure and the vapour phase can therefore be assumed to be ideal. This leads to the
expression:

where the vapour pressure of every pure component, p; is calculated with the Antoine-
equation:

. B
Inp. = A + !
=AY

(the parameters A;, B;, C; can be found in literature).

The activity coefficient, g depends on both the temperature and concentration of the
component and can be calculated with NRTL, UNIQUAC or UNIFAC models (Li [14])

Tray efficiency:

A theoretical tray means that vapour leaving the tray is in equilibrium with the liquid leaving
the tray. In practice this never happens and tray efficiencies have to be used:

h, = yi*,k * Yika
Yik = Yika

hy is dependent of the volatility of the component and the efficiency of the mixing. hy usually
has a value between 0.7-1.0 and can easily be evaluated with an experiment. The tray
efficiencies in this work have been assumed to be equal for all the components, although this
isin reality only true for binary systems (Kooijman and Taylor [13]).
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Capacity of the column:

The capacity of a separation column is often defined as the higher limit of the steam load. The
steam load is limited by the diameter of the column, the tray structure and the characteristics
of the mixture to be separated. If the steam load is too small the liquid will start leaking
through perforations. This phenomenon is called weeping. If the steam load is too high on the
other hand, it will cause the liquid to be entrained in the vapour up the column, causing
flooding. The steam load effects the tray efficienciesin a great extent.

Theload factor, F-factor is defined:

1/2
vap

Frac =Wy Xr
Enthalpy:

Enthal pies needed for the energy balances can be calculated with :

;
hY =DH e + (5, dT

298

ht =h’ - DHV,*®

The heat capacity, C, and the heat of vaporisation depends on temperature and can be
calculated with the following correlations:

_ 2 3
Cp. =q, T, XT"'ai,z XTj T3, ij

al-T /Tcrit i (.-josg
DHV, = DHV (T )2
1- Tiv /Tcrit,i ﬂ

The specific latent heat of vaporisation, DH g can be found in literature.
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gOPT Settings and g°PROMS Perfor mance During Optimisation

Off-cut &
Intermediate Main cut Entire batch
cut

. o 11064 sec 5056 sec 147337 sec
CPU time of optimisation (3.1h) (16h) (409 h)
Number of optimisation
iterations 13 13 85
Linear Algebraic Solver MAZ28 MA48 MAZ28
Intervals of control variable
optimised 6 7 13
Number of Linesearch
Steps 13 14 113
Infeasible Linesear ch Steps 0 0 5
CPU Time Spent on State
Integration Only 2861 sec 1458 sec 43287 sec
CPU Time Spent on
Sengitivity Integration Only 8201 sec 4146 sec 104035 sec
M ean
(Sensitivity+State)/State
CPU Ratio 4.1 4.3 4.2
Optimisation tolerance 10" 10" 10"
Absolute integration
tolerance 10° 10° 10°
Relative integration
tolerance 10° 10° 10°
Steady State tolerance 10° 10° 10°
Event location tolerance 10° 10° 10°

Table C.1 gOPT settings and gPROMS performance during optimisations.
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gOPT Settings and gPROM S Per for mance During Optimisation of Periodic Operation

Optimisation Optimisation with
with multiplexer fresh feed astime
invariant parameter
. S 168472.6 sec 247746.3 sec
CPU time of optimisation (46.8 h) (688 h)
_Numper of optimisation 78 86
iterations
Linear Algebraic Solver MAZ28 MA?Z28
Intervals of control variable
optimised 13 13
Number of Linesearch 97 159
Steps
Infeasible Linesear ch Steps 4 7
CPU Tn_ne Spent on State 35804 59085
Integration Only
CPU Time Spent on
Sengitivity Integration Only 132650 188629
M ean
(Sensitivity+State)/State 5.7 7.0
CPU Ratio
Optimisation tolerance 10" 10"
Absolute integration
tolerance 10° 10°
Relative integration
tolerance 10° 10°
Steady State tolerance 10° 10°
Event location tolerance 10° 10°

Table D.1 gOPT settings and gPROMS performance during optimisations.



