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Abstract

With reduced resources of fossil fuels and increased environmental requirements, renewable
substitutes have received greater attention. The production of renewable chemicals and fuels
through biomass gasification presents a promising route to drive this energy transition. Syn-
thesis gas (syngas), a mixture of mainly CO and H», can be produced from biomass via gasifi-
cation. Biological methanation, as a potential alternative to catalytic methanation, can then be
used to produce biogas from biomass-derived syngas.

The aim of this work was to model the gasification process of biomass in the Aspen Plus®
simulation software with an adaptation to the subsequent biological methanation of syngas.
The study was based on Meva Energy’s 5-MWy, cyclone gasifier, which operates at 0.65 barg
and 850-1000 °C. The generated syngas consisted mainly of N», Hy, CO, CO,, CHa, light
non-aromatic hydrocarbons, and tars.

As of today, most simulations found in literature using Aspen Plus® are based on equilibrium
calculations. The main drawbacks of equilibrium-based models are the overestimation of char
conversion and the neglect of tars and their reactions during gasification. In this study, equi-
librium and kinetic models were developed for modeling biomass gasification in a cyclone
gasifier. In addition, a third model was developed for the succeeding gas-cleaning system in
the plant. All models were validated against experimental data. The lower heating value of
produced gas and the cold gas efficiency of the process were calculated for all cases.

Predicted temperature in the gasifier was lower than experimental data when equilibrium was
assumed. A large deviation was also observed between the equilibrium model and measure-
ments with respect to concentrations of Hz, CHs and light non-aromatic hydrocarbons. On the
other hand, a better agreement between simulation and experimental data was found when
employing the kinetic-based model. When validating the gas-cleaning model, predicted values
showed some agreement with measurements, but big errors were observed for some compo-
nents, such as indene and naphthalene.

For the biological methanation process, the main requirement is a syngas free of N». There is
no negative effect of N2 on the biological methanation itself, however, the separation of Nz in
the product can be associated with high costs. This requirement can be achieved by replacing
air as the gasification medium with a mixture of Oz and recycled CO2 which has been separat-
ed from the gas after the methanation. When gasification was adapted to biological methana-
tion, a lower gasification temperature was observed compared to conventional air-blown gasi-
fication at the same air—fuel equivalence ratio (lambda). This comes with a cost of lower cold
gas efficiency and higher tar content in the syngas. Therefore, lower concentration of CO; in
the gasifying medium is desired, but particle separation will be affected as the gas volumetric
flow rate decreases.






Sammanfattning

Med minskade resurser av fossila brénslen och 6kade miljokrav har fornybara erséttningar fétt
storre uppmarksamhet. Produktionen av fornybara kemikalier och branslen genom forgasning
av biomassa ér en lovande 16sning for att driva denna energiomstéllning. Syntesgas (syngas),
en blandning av framst CO och Hy, kan framstillas av biomassa via forgasning. Biologisk
metanisering, som ett potentiellt alternativ till katalytisk metanisering, kan sedan anviandas for
att framstilla biogas fran syngas som hérror fran biomassa.

Syftet med detta arbete var att modellera forgasningsprocessen av biomassa 1
simuleringsmjukvaran Aspen Plus® med en anpassning till den efterfoljande biologiska
metaniseringen av syngas. Studien baserades pd Meva Energys 5-MWu, cyklonforgasare, som
arbetar vid 0.65 bar overtryck och 850-1000 °C. Den producerade syngasen bestod
huvudsakligen av N2, Hz, CO, CO., CHa, litta icke-aromatiska kolvdten samt tjéror.

Av de simuleringar i Aspen Plus® som finns publicerade i litteraturen idag, si ir de flesta
baserade péd jimviktsberdkningar. De framsta nackdelarna med jdmviktsbaserade modeller ar
overskattningen av kolomséttningen och forsummelsen av tjdror och deras reaktioner under
forgasningen. I denna studie har jamvikts- och kinetiska modeller utvecklats for att modellera
biomassaforgasning i en cyklonforgasare. Dessutom utvecklades en tredje modell for att
simulera det efterfoljande gasreningssystemet i anldggningen. Alla modeller validerades mot
experimentella data. Det effektiva viarmevérdet for producerad gas och processens
verkningsgrad berdknades for samtliga fall.

Den predikterade temperaturen i forgasaren var lagre dn det uppmatta vérdet nir jamvikt
antogs. En avvikelse observerades ocksda mellan jdmviktsmodellen och méitningar med
avseende pa koncentrationer av H,, CH4 och ldtta icke-aromatiska kolviten. Déremot
uppnaddes en bra Overensstimmelse mellan simuleringen och experimentella data ndr man
anvande den kinetikbaserade modellen. Vid validering av gasreningsmodellen visade
predikterade vdrden en god Overensstimmelse med métningar, men stora avvikelser
observerades for vissa tjirkomponenter t.ex. indene och naftalen.

For den biologiska metaniseringen dr huvudkravet en syngas fri frdn N>. Ingen negativ effekt
av N finns péd den biologiska metaniseringen 1 sig, dock kan separationen av N> 1 produkten
vara forknippad med hoga kostnader. Detta krav kan uppnds genom att byta ut luft som
forgasningsmedium mot en blandning av O och recirkulerad CO> som man har avskilt fran
gasen efter metaniseringen. Nar fOrgasningen anpassades till biologisk metanisering
observerades en ldgre forgasningstemperatur jimfort med konventionell luftblast forgasning
vid samma luft-bransle-forhallande (lambdavirde). Detta kommer med en kostnad av en ldgre
verkningsgrad pa processen och hogre tjarhalt i syngasen. Darfor ar ldgre koncentration av
CO: i forgasningsmediet Onskvért, diremot kommer partikelseparationen att paverkas nir
gasens volymflode minskar.
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1 Introduction

With reduced resources of fossil fuels and increased environmental requirements, renewable
substitutes have received greater attention. Methane gas can be produced from syngas in a
process called biological methanation. Depending on its composition, this gas can be used in
transport sector or in industry replacing fossil fuels. For this to be possible, the gasification
process must be adapted to this application.

Meva Energy AB, founded in 2008 in Sweden, is a provider of gasification technology that
supplies systems that can use biomass to produce renewable electricity and heat. The compa-
ny has developed a gasification process of wood powder for the production of syngas in both
pilot and demo scale [1].

The aim of this study is to model the biomass gasification process in Aspen Plus® simulation
software with an adaptation of the gasifier to the subsequent intended biological methanation
of syngas. Both the gasifier and the subsequent gas-cleaning system are going to be modeled
and simulated. Furthermore, all models are going to be validated against experimental data.
These data were collected at the plant by measurements done in previous studies and received
by company supervisor at Meva Energy AB.

No comprehensive optimization of the process adaptation to biological methanation will be
conducted due to the time limitation of this study. However, some criteria are set up on the
process according to input from the methanation project group at RISE.

The following research questions are answered in this study:

How is biomass gasification modeled and simulated in literature?

How can biomass gasification be modeled and simulated using Aspen Plus®?

How well do results from the developed model agree with experimental data?

What changes are needed to adapt biomass gasification to the biological methanation
of syngas?

The project was divided into the following parts based on the defined research questions:

Literature study on how gasification was modeled and simulated previously
Collection of process flow diagrams, technical specifications, and process data
Modeling of the process in Aspen Plus®

Validation of the model with data from the demonstration plant

Process adaptation to the biological methanation of syngas



2 Theory

2.1 General description of the facility

This study was based on Meva’s 5-MWyu, demonstration plant in Hortlax, Sweden. Process
flow diagrams and measurement data from the operational units of the plant were received by
co-supervisor. The block flow diagram of the plant is shown in Figure 2.1. Here, the opera-
tional units included in this study are represented in solid line, and the excluded parts of the
plant in dashed line [2].
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Figure 2.1. Block flow diagram of Meva’s facility. The operational units studied are shown in
solid lines, and the excluded parts of the plants are outlined in dashed lines.

Virgin wood pellets from Pinus sylvestris and Picea abies are supplied as fuel to the fuel han-
dling system where the pellets from a silo are screwed to a grinder at a flow rate of 800-1000
kg/h. Pellets after the grinder are blown into the cyclone gasifier as a fine powder. Air is used
as gasifying agent and carrier medium for the powder with an air—fuel equivalence ratio
(lambda) of about 0.3. The gasifier is an entrained flow cyclone gasifier with height of 3 m,
internal diameter of 0.75 m and internal insulation made of ceramic [2].

An oil burner is used initially to preheat the cyclone gasifier to about 800 °C, this is only done
in the beginning of the operation until correct temperature is reached. A mixture of air and
fuel is then supplied to the cyclone gasifier through blowers into two inlets at the top at an
inlet velocity of 30-50 m/s. The cyclone gasifier is operated at a pressure of about 0.65 barg
and a gas temperature range of 850—-1000 °C.

The produced wet syngas consisting mainly of N>, Hz, CO, CO,, CHg, light non-aromatic hy-
drocarbons CxHy and tars, leaves the cyclone gasifier through a vortex finder from the top.
The part of the fuel that does not form gas, called char, is collected at the bottom of the cy-
clone gasifier together with the produced ash where the temperature can reach up to 1200 °C.
Before char collection, a secondary air flow of about 50 kg/h is supplied to the bottom of the
cyclone gasifier to further increase the conversion of char. Due to the presence of reducing
zones in the cyclone gasifier, components such as H>S, COS, NH3, HCN and alkaline compo-
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nents can be found in the product gas. Type of contaminants and their concentrations in the
product gas depends among other things on which fuel is used for gasification. Moreover,
many trace elements can be found in produced char in the bottom [2].

As shown in Figure 2.1, the produced gas is then cleaned and cooled through several stages in
the gas-cleaning system. The first step is a water quench where water is sprayed into the gas
reducing its temperature to about 84 °C, allowing condensation of heavy tars. Wet gas is then
led through a venturi scrubber where particles and soot are separated with the supplied water.
A cyclone with a height of 3.5 m and internal diameter of 0.8 m is then used to further sepa-
rate particles from the gas.

A second water quench reduces the gas temperature further to about 60 °C. A column filled
with metallic random packing is then used to scrub the gas with water and cool it to about 40
°C. These units allow condensation of water vapor and cleaning the gas of tars and soot. Fi-
nally, the gas flows through a wet electrostatic precipitator (WESP) consisting of vertical
tubes with high-voltage direct current. This unit separates small particles and tar aerosols
from the gas before the subsequent engine combustion or synthesizes [2].

Contaminated process water from all operating units is produced, therefore a decanter (sedi-
mentation tank) is used in a closed water circuit providing clean water. Heavy tars and soot
fall to the bottom of the sedimentation tank, then clean process water is cooled in the heat
recovery system. Char from the bottom of the cyclone gasifier is collected and handled in a
separate wet char handling system. Water is used to cool the char, then a drum filter is used to
separate the char from water.

2.2 Chemical processes in gasifier

Gasification can be described as a partial combustion, i.e., a combustion that takes place in the
deficit of oxygen. The gasification of fuel consists mainly of four processes, which are drying,
pyrolysis, oxidation, and reduction. All processes occur simultaneously during the residence
time of less than a few seconds in the cyclone gasifier. Most important factors affecting the
reaction rates are gasifier temperature and particle size distribution of fuel particles [3].

Initially, fuel particles are heated, and water is vaporized when the temperature is high
enough. Further heating results in the beginning of the pyrolysis or devolatilization process of
fuel particles. This process releases volatile matter of the particles producing gases, pyrolysis
oil, tars, and char. The pyrolysis products mainly consist of CO, CO, Hz, H>O, CHa, light
non-aromatic hydrocarbons and tars. The produced char consists mainly of carbon and ash.
Tar is a complex mixture of many aromatic compounds such as benzene, toluene, xylene, sty-
rene, phenol, indene, naphthalene, anthracene, pyrene and up to coronene. Pyrolysis product
composition and yield depends highly on gasifier temperature and composition of fuel [3, 4].

The product of pyrolysis undergoes both homogeneous gas phase reactions and heterogeneous
reactions. Homogeneous reactions include oxidation (combustion) with oxygen providing
heat required to maintain temperature of the gasifier and to the endothermic reactions. Other
homogeneous reactions include reactions with water vapor such as water-gas shift reaction
and cracking reactions of tars. Heterogeneous reactions include gasification of char with O,
H>0 and CO,. Heterogeneous reactions of char with H>O and CO; are slow relative other re-
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actions. These occur mostly in the bottom of the gasifier where char is collected, and the resi-
dence time is several minutes with injection of secondary air [3].

Table 2.1 shows main reactions considered in this gasifier. No reactions of tars other than
benzene are shown in the table due to the complex nature of these reactions [3]. Enthalpies of
reactions were calculated for demonstration purpose in Aspen Plus®, assuming stoichiometric
reactions at 1 atm and 25 °C.

Table 2.1. Main reactions involved in the gasification process with enthalpy of reaction
(kJ/mol) calculated in Aspen Plus® at 1 atm and 25 °C.

No. Reaction Enthalpy of reaction at 1 atm and 25 °C (kJ/mol)

Homogeneous gas phase reactions

1 CH;+1.50,— CO+2HO -520
2 CHs+ H,0 —- CO+3 H» 206
3 CH4+20;,—=2CO+2HO =757
4 H>+0.5 0, — H0O -242
5 CO+0.50;— CO; -283
6 CO+H;O — CO; + H; -41
7 | CeHs+4.50,— 6 CO+3 H.0 -1472
8 Ce¢Hs + 6 H O — 6 CO+ 9 H; 706

Heterogeneous reactions

9 Cs+0.50,—CO -111
10 Ce + H,O0 — CO+H; 131
11 Ce+CO,—2CO 172

Considering reactions of tars, as temperature increases more tars are cracked becoming less
branched and with less oxygen content. Many side reactions between tars can also occur such
as production of polycyclic aromatic hydrocarbons (PAHs). At even higher temperatures,
around 1000 °C, more soot is produced in the gasifier. Soot production is usually a problem
inside the gasifier, but tar production is more problematic to the gas-cleaning system [2, 5].



2.3 Biological methanation of syngas

Biogas is a gas mixture of mainly CH4 and CO2 with smaller amounts of N2, Hz and contami-
nants, such as sulfur compounds. Depending on its composition, it can be used in the transport
sector or in the industry sector replacing fossil fuels [6].

Biogas can be methanized biologically via operation of continuous methanation processes.
This pathway of producing biogas is expected to be more cost-efficient relative conventional
catalytic processing of syngas [7, 8].

For the biological methanation process studied, the main requirement is a syngas free of Na.
No negative effect of N is found on the biological methanation itself, however, separation of
N in the final biogas is a process with high costs. This requirement can be achieved by gasi-
fication with only O», or a mixture of O; and recirculated CO; instead of air, and sometimes
with addition of steam [8]. However, by using pure Oz a too high temperature in the gasifier
would be reached. This would among other things cause melting of ash. Apart from that, gas
physical properties would also change significantly which may affect particle separation effi-
ciency of the cyclone gasifier [2].

Optimal proportions of Hz, CO and COsz in the syngas for biological methanation are depend-
ent on its content of CHa. If the syngas has no CO; or CHs, then the optimal ratio H>:CO is
3:1. If the syngas contains CO», then every mole of CO» requires 4 moles of H> to produce
CH4 and H>O. Higher H; concentration is desired as H» is used as an energy source for me-
tabolism of the microorganisms, transforming CO2 to CH4. A higher CH4 concentration is
also desired as this would decrease load on the process as CHs4 would flow through the pro-
cess without further conversion [8, 9].

Fortunately, the process can handle a wide range of syngas compositions if optimal propor-
tions are not possible to reach. When all CO and H; in the syngas are consumed the gas con-
sists mainly of CH4 and CO». One approach is then to separate CO; in the subsequent purifi-
cation steps to reach a high fraction of CHs. Alternatively, more H» is added to the methana-
tion via an electrolysis process and thus more CO> is converted [8].

Some contaminants in the syngas, such as NH3 and H»S, are favorable for nutrition of the mi-
croorganisms, others such as HCN are not due to its toxic effects. Benzene and other heavier
hydrocarbons might be difficult to handle in the methanation process; therefore, its concentra-
tion should be minimized in the syngas if further experiments confirm its negative effect.
High concentration of these contaminants involves higher investment and operating costs due
to requirement of additional energy and operation units in the gas-cleaning system. Tempera-
ture of the syngas itself should be within the interval of 50-100 °C after the gas-cleaning sys-
tem. Furthermore, particle concentration in the syngas might have a negative effect on han-
dling of the nutrient solution afterwards. However, further experiments are required to con-
firm this effect [8, 10].



3 Literature review

Gasification of biomass and coal is widely studied in literature with several studies using As-
pen Plus® to simulate this process [11-21]. However, to the best of the author's knowledge,
only one study could be found in the literature which simulated the process based on experi-
mental data from a cyclone gasifier [22]. Most of Aspen Plus® simulations were found to be
based on the Gibbs minimization equilibrium approach using either RGIBBS or REQUIL as a
reactor block. A thorough review on the progress of biomass gasification simulation in Aspen
Plus® was conducted in literature, which confirms this observation [23].

The equilibrium-based approach is easier as it does not require input of reaction kinetics or
equations as required for kinetic models using RCSTR or RPlug. The main drawbacks of
equilibrium-based modeling are overestimation of char conversion, and neglect of tars and
their reactions. Another drawback is that equilibrium-based models do not take any considera-
tion to reactor design and configuration, as these models assumes infinite time of reaction to
reach equilibrium. The most convenient way to utilize equilibrium-based models is to study
the effects of operating conditions such as temperature, pressure and concentration on product
yields and thermodynamic limitations of the process [23].

A different approach is to combine equilibrium and kinetic models in the same simulation. In
this approach, some reactions could be assumed to follow equilibrium when kinetic data are
not available. Furthermore, Aspen Plus® models can be combined with models developed in
MATLAB, FORTRAN, or other programming languages. This approach provides models
necessary to simulate chemical and physical processes in the gasifier when Aspen Plus®
standard models are not satisfying [23].

Regardless of the approach used, some assumptions must be made to be able to model this
process. Most models were found to assume these general assumptions [23]:

e Steady-state and isothermal process

Instant drying and pyrolysis of biomass

Perfect mixing giving uniform composition, temperature, and pressure
Ash is inert

Char consists of only carbon and ash

No catalytic effects are considered

Another approach to simulate gasification processes is via computational fluid dynamic
(CFD) modeling. This approach was done in some studies, including a study done on the
same cyclone gasifier at Meva Energy in Hortlax, Sweden [3, 24-27]. The most important
benefit of CFD modeling is its ability in simulating complex fluid dynamics and heat transfer
processes considering dimensions of the vessel. However, CFD models are relative complex
and require relative long computation time. Moreover, Aspen Plus® provides an extensive
database of compounds with several physical methods models providing more accurate calcu-
lation of physical properties [28]. Benefits of these two approaches combined have led to
combine CFD models with physical properties obtained from Aspen Plus® databases in their
simulations [29, 30].



4 Methods

Two main models were developed for the simulation of biomass gasification in a cyclone gas-
ifier using Aspen Plus® V10. Furthermore, one model was developed for the succeeding gas-
cleaning system in the plant.

The first gasification model is a simple equilibrium model mainly based on minimization of
Gibbs free energy in a RGIBBS block. The second model is more advanced, considering
some reactions kinetics in a RCSTR block with correlations of the pyrolysis step in a RYield
block. A modification to the models was made after simulating the base case to adapt the pro-
cess to the subsequent biological methanation process.

The base case is the setup with air as gasifying medium which the models are validated
against. Measurements from the base case are presented in section 5. Furthermore, validation
of the gasifier models was done on the effect of temperature variation and fuel moisture con-
tent variation.

The lower heating value (LHV) in MJ/Nm® of the produced gas and cold gas efficiency
(CGE) of the process were calculated for all gasification models. These are important parame-
ters used when performance of gasification processes is studied. This was done with reference
at 25 °C and 1 atm using a RSTOIC block in Aspen Plus®. A stoichiometric flow of oxygen
was calculated by a calculator block, assuming complete combustion of CO, H>, CHs, C2H4
and C¢Hg giving H>O and CO> as products. LHV of the gas was calculated by subtraction of
heat required to vaporize the water in the flue gas from the heat produced by the combustion
reactions Qgsrosc- The enthalpy of vaporization of water AH,,q, was set constant and chosen

at 25 °C and 1 atm to 2.442 MJ/kg [31].

|QrsTorc|—mMH20AH,
LHVyqs = 0P (1)
Vgas

When calculating CGE of the process, the gas volumetric flow rate Vgas is calculated at 25 °C
and 1 atm. The fuel LHV} 4 is given by analysis of virgin wood pellets on dry basis (db) and
has the value of 19.43 MJ/kg dry biomass [2]. Both LHV and CGE were calculated including
tars for all cases.

Vgas LHVgqas
mpgqp LHVE gp

CGE = (2)

4.1 Equilibrium-based gasification model

The components defined in this model are given in Table 4.1. The property methods suitable
to define nonconventional components are HCOALGEN and DCOALIGT. These property
methods were developed for coal but are considered suitable for biomass according to the
Aspen Plus® User Guide. Option codes defined are 1 1 1 1 for ASH and 6 1 1 1 for BIO-
MASS, which enables using the measured higher heating value (HHV) on dry basis of bio-
mass as input [32]. For biomass used in the studied plant, a HHV of 20.79 MJ/kg dry biomass
was used according to analysis [2].



For physical property calculations, one suitable property method is Peng—Robinson cubic
equation of state with the Boston—Mathias alpha function (PR-BM) according to the Aspen
Plus® methods assistant. Moreover, many studies found on biomass gasification in Aspen
Plus® used the same property method [23]. The used stream class was set to MCINCPSD as
conventional and nonconventional solids were used with a defined particle size distribution

(PSD).

Table 4.1. Components defined for the equilibrium-based gasification model in Aspen Plus®.

Component Type Component Type
BIOMASS | Nonconventional CH4 Conventional
ASH Nonconventional CH» Conventional
C Solid C,H, Conventional
S Conventional CsHs Conventional
N> Conventional NO2 Conventional
0, Conventional NO Conventional
H,O Conventional SO, Conventional
CO; Conventional SOs Conventional
CO Conventional Cl Conventional
H: Conventional H,S Conventional

The process flow sheet in Aspen Plus® used for this model is shown in Figure 4.1. As no
standard model in Aspen Plus® can alone describe the cyclone gasifier, a set of different
blocks were used in the simulation. For all blocks in this simulation, a pressure of 0.65 barg
was specified. The following assumptions were made in this model:

Steady-state and isothermal process

Instant drying and pyrolysis of biomass

Equilibrium is reached and calculated by minimizing Gibbs free energy
Perfect mixing giving uniform composition, temperature, and pressure
Pressure drops are neglected

Constant heat loss regardless of operating conditions

No catalytic effects are considered

Fuel handling system not considered; fuel is assumed to be grinded
Char is represented as solid carbon (C) and inert ash separately

No change in PSD during reaction is assumed

All light non-aromatic compounds are defined by CHa, CoHz and C2H4
Tars defined by benzene CeHe

Nitrogen compounds defined as N2, NO and NO»
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e Sulfur compounds defined as elemental S, SO,, SO3; and H>S
e Chlorine compounds defined as Cl,
e Minor by-products are neglected

DRY-DCMP

C>—{FE]

RYIELD

&
REACTOR SOL-SEP
RGIBBS SEP

>

H20-SEP

SEP

)
H20 »

Figure 4.1. Process flow sheet for the equilibrium-based gasification model in Aspen Plus®.

The FUEL stream is specified at 30 °C and 1 atm with component attribute and PSD of
ground virgin wood pellets according to Table 4.2 and Table 4.3, respectively. These analyses
were done on wood pellets from a mixture of Pinus sylvestris and Picea abies used in this

plant [2, 3].

Table 4.2. Proximate, ultimate and sulfanal analysis of virgin wood pellets used as fuel.

Element Value
Proximate Analysis (wt.% on db, except moisture on wb)

Moisture 6.2
Fixed carbon (FC) 9.55

Volatile matter (VM) 89.95
Ash 0.5

Ultimate Analysis (wt.% on db)

Ash 0.5
Carbon (C) 51.4
Hydrogen (H) 6.3
Nitrogen (N) 0.05




Element Value
Ultimate Analysis (wt.% on db)
Chlorine (Cl) 0
Sulfur (S) 0.05
Oxygen (O) 41.7
Sulfanal analysis (wt.% on db)
PYRITIC 0.023
SULFATE 0.004
ORGANIC 0.023
Table 4.3. PSD analysis of virgin wood pellets used as fuel.
Lower limit (um) | Upper limit (um) | Weight fraction
0 75 0.018
75 125 0.034
125 250 0.101
250 500 0.265
500 1000 0.490
1000 2000 0.092

Using the component attribute given in Table 4.2, a calculator block was used to specify mass
yields of the first reactor block DRY-DCMP of type RYIELD. This calculator block uses the
component analysis to achieve a mass balance when converting nonconventional component
BIOMASS to conventional components and nonconventional component ASH. For simplici-
ty, all fuel-bound N, S, and CI are assumed to form N, elemental S and Cl, respectively. All

moisture content in the biomass is assumed to be released as water vapor.

For the REACTOR block of type RGIBBS, calculation option was set to calculate phase equi-
librium and chemical equilibrium as default with considering all components as possible
products. A design specification was assigned to this simulation to calculate the correct tem-
perature which closes the heat balance. The temperature was varied until the net heat duty
from both reactor blocks equals to the heat loss of 80 kW measured in the plant [2].
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Furthermore, a last calculator block was assigned to the OXIDANT stream to achieve the de-
sired lambda value specified. The OXIDANT stream in the base case consisted of air with
101 °C and 0.65 barg.

Lastly, the two separation units SOL-SEP and H20O-SEP were of the block type SEP. These
are assumed to ideally separate all solids and water, respectively, giving a dry product gas
with no particles. Note that no cyclone model was specified to simulate behavior of particle
separation in this simulation; this will instead be discussed in Section 4.3.

4.2 Combined equilibrium-based and Kinetic-based gasification model
with pyrolysis correlations

The components defined in this model are shown in Table 4.4. The same property methods
and stream class were used as the model presented in Section 4.1.

Table 4.4. Components defined for the kinetic-based gasification model in Aspen Plus®.

Component Type Component Type
BIOMASS | Nonconventional CO; Conventional
ASH Nonconventional CO Conventional
C Solid H» Conventional
S Conventional CH4 Conventional
N> Conventional C,H, Conventional
0, Conventional CsHs Conventional
H,O Conventional Ch Conventional

The process flow sheet for the kinetic-based gasification model is shown in Figure 4.2. As no
standard model in Aspen Plus® can alone describe the cyclone gasifier, a set of different
blocks were used together in the simulation. For all blocks in this simulation, a pressure of
0.65 barg was specified. The following assumptions were made in this model:

Steady-state and isothermal process

Instant drying and pyrolysis of biomass

Kinetic reaction rate expressions are used for all homogeneous reactions

Equilibrium is calculated by minimizing Gibbs free energy for all heterogeneous reac-
tions with temperature restriction approach

Perfect mixing giving uniform composition, temperature, and pressure

Pressure drops are neglected

Constant heat loss regardless operating conditions

No catalytic effects are considered
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¢ Fuel handling system not considered, fuel is assumed to be ground
e Char is represented as solid carbon (C) and inert ash separately
e No change in PSD during reaction is simulated
e All light non-aromatic compounds are defined by CH4 and CoHs4 only
e Tars defined by benzene CsHg only
e Nitrogen compound defined is only N2
e Sulfur compound defined is only elemental S
e Chlorine compound defined is only Clz
e Minor by-products other than tars (benzene) are neglected
>
H20-SEP
RYl_LL RCHUR sl ~
HETERG T SEP-B o
WURNS 57 I@F@
'm‘ HARCOME
-
OX-SPLIT 'm‘ T

Figure 4.2. Process flow sheet for the kinetic-based gasification model in Aspen Plus®.

Fewer components are defined in this model in comparison with the equilibrium model pre-
sented in section 4.1. This is due to lack of kinetic expressions for all components defined in
the first model. The FUEL stream is specified at 30 °C and 1 atm with the same Component
Attribute and PSD as the model presented in Section 4.1. Using the Component Attribute giv-
en in Table 4.2, a calculator block was used to specify the mass yields of the first reactor
block PYRO of type RYIELD. This calculator block uses correlations of pyrolysis product
yields found in the literature in a FORTRAN code with temperature given in °C and fuel
component analysis as input [4, 33].

The yield of tar on dry ash-free basis (daf) is given by the following equation, where tar is
assumed to be only benzene [33]:

Yearr = (292 x 1072 = 2.0 x 105 T) /(1 — Yasn.r) (3)

The yields of H2, CO, CH4 and char are all obtained from another study and are given on daf
basis [4]:

9.384

YH, F = 1.145 (1 — e_0-11><10‘2T) .,
- 0.0429 -1

Yoo = (31074 o7 ) 5)

Yer,r = —2.18 X 107* + 0.146 yco r ®
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Yeharr = 0.106 + 2.43 6_0'66X10_2T -

The remaining yields of CO2, H20 and light non-aromatic hydrocarbons C>Hy are calculated
by elemental mass balance of C, H and O according to [4]:

Yer — Yenr = YetarYearp = Ye,coHy Yoty F + Ye,ch,YeHyF + YecoYeor + Yeco,Yco,r (8)
Yo,r = Yo,coYco,r t Yo,co,Yco,r t You,0YH,0F 9)

Yu,r — YHtar Ytar,F = YH,CoH,YCoHyF T YH CH,YCHLF + YHH,0YH0F + YH,F (10)

These correlations are valid up to 1000 °C, therefore any temperature input above this value
will be set to 1000 °C to avoid errors in mass balance. The yield of H>O calculated with these
correlations are excluding the moisture content of the fuel itself. Therefore, the total mass
yield of water in the PYRO block is the sum of moisture content of the fuel and the calculated
yield above. All fuel N, S and Cl are assumed to form N>, elemental S and Cl, respectively.

The next reactor block is HOMO of type RCSTR with specified reactor volume of 0.98 m?
[2]. This block contains the homogenous reactions with Arrhenius expressions according to
Table 4.5 and activation energies in (kJ/kmol) [3]. The reacting phase for all reactions is cho-
sen to vapor, rate basis to reactor volume, and concentration basis to molarity giving a reac-
tant reaction rate in (kmol/m?3-s).

Table 4.5. Reactions specified in HOMO block with Arrhenius expressions.

No. Reaction Arrhenius expression (kmol/m?-s)

1| CHs+150,—CO+2H,0 1.59 x 10106~ CRT D [CH,]°7[0,]°8

2 CHs+ H:0 — CO+3 Hy 3% 105eC R ) [CH,][H,0]

3 | GHs+20,—2CO+2H0 1 x 102" R (G, H,][0,)

4 Hy+0.5 0, — H:0 1.8 x 1010~ CRT D [H,]5[0,]

5 CO+050,—CO; 124 x 100"C TV [C01[0,195[H,01°

6 COTH0 = COFHo 2.78¢~C R ([CO] [H,0] - 0N [izs]s.s )
0.0265¢C T )

7 |CHot450: >6CO+IHO | og 1060~ CRTI [0 H,]01[0,]155

8 | CeHs+6H0—6CO+9H, 3.0 X 105" CRF D [CoHg][H,0]
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In the next block SEP-A, all Oz, H2O, CO», and solids are separated. These are allowed to re-
act in HETERO block of type RGIBBS to consider the heterogeneous reactions 9—-11 shown
in Table 2.1. Arrhenius expressions for heterogeneous reactions were available in literature,
however, these are not available for use directly in Aspen Plus®. An attempt was made to
convert these to a form supported in Aspen Plus® without using FORTRAN or advanced
equation-modeling without success. To be able to describe kinetics of char reactions, some
consideration should be taken to the mass-transfer processes in the char particles.

The calculation option in HETERO was set to restrict chemical equilibrium by specifying the
temperature approach with all components as possible products. A design specification was
set to achieve the correct conversion of solid C compared to experimental data by varying the
temperature approach. The temperature approach restriction in this block was set to -439 °C
by this design specification, which means that equilibrium calculations are done at 439 °C
below the specified block temperature.

Another block SEP-B was used to separate the unreacted solid C and ash from the products.
These are allowed to react with the secondary air stream SEC-OX in CHARCOMB block of
type RGIBBS, simulating the bottom of the gasifier. The calculation option was set to calcu-
late phase equilibrium and chemical equilibrium as default with considering all components
as possible products. No restriction of chemical equilibrium was set in this block. This is
since solid char has a residence time of several minutes in the bottom of the real gasifier, in
comparison with the residence time of few seconds of the gas-phase.

A design specification was assigned to this simulation to calculate the correct temperature
which closes the heat balance. The temperature was varied until the net heat duty from all
reactor blocks equals to the heat loss of 80 kW measured in the plant [2].

As all blocks are assumed to represent the gasifier, a calculator block is used to set the same
temperature in all reactor blocks PYRO, HOMO, HETERO and CHARCOMB. Furthermore,
a last calculator block was assigned to the OXIDANT stream to achieve the desired lambda
value specified. The OXIDANT stream in the base case consists of air with 101 °C and 0.65
barg, this stream is divided in OX-SPLIT to obtain a smaller secondary air stream SEC-OX
[2]. The two separation units SOL-SEP and H20-SEP have the same function and input as
specified for the model in Section 4.1.

4.3 Modification of gasifier models for adaptation to biological methana-
tion

A slightly different approach is needed when studying the adaption of operating conditions to
the subsequent biological methanation process. This is since a change in the gasifying medi-
um from O2/N; (air) to O2/CO> will most probably affect the separation efficiency of the cy-
clone gasifier. This is because inlet velocity, volumetric flow rate and physical properties of
the gasifying medium will change significantly. Another limitation is the gasification temper-
ature. As mentioned in Section 2.3, the ash melting temperature will limit how high the tem-
perature is allowed to be. For biomass defined in Table 4.2, the gasifier is operated at temper-
ature of maximum 1000 °C at the top and 1200 °C at the bottom of the gasifier [2].
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This approach is more difficult as no reactions can be defined in a cyclone gasifier without the
use of advanced modeling with FORTRAN in Aspen Plus®. Therefore, a block REAC-CYC
of type CYCLONE was added after the gasifier models developed in Sections 4.1 and 4.2.
The cyclone was specified with dimensions as the real cyclone gasifier and default input of
Muschelknautz as calculation method. However, only one inlet can be specified in Aspen
Plus® as compared to two inlets found in the real gasifier.

Another limitation of the models is the neglect of change in PSD during reaction in the gasifi-
er. To study the change of cyclone collection efficiency, an additional stream PARTICLE was
added to the cyclone in Aspen Plus®. This stream has the same temperature and pressure as
the PROD flow from the gasifier. Furthermore, 9.05 kg/h ash was assumed with a PSD as in
Table 4.6 according to provided analysis [2].

Table 4.6. Assumed PSD analysis of produced ash in the cyclone gasifier.

Lower Upper Weight Lower Upper Weight
limit (um) | limit (um) fraction limit (um) | limit (um) fraction
0 0.018 0 0.36 0.578 0.1399
0.018 0.035 0.0107 0.578 0.946 0.0619
0.035 0.051 0.0470 0.946 1.512 0.0221
0.051 0.087 0.1343 1.512 24 0.0117
0.087 0.146 0.2106 24 4.024 0.0051
0.146 0.232 0.1857 4.024 6.35 0.0028
0.232 0.36 0.1605 6.35 19.671 0.0077

A calculator block was specified, which calculates the required flow of pure O> with specified
lambda value as input. The same calculator block calculates the required flow of CO» to reach
a specified molar fraction of CO: in the oxidant stream. It is important to note that the models
do not implement a recirculation stream of CO; to prevent convergence problems in Aspen
Plus® and make calculations faster. Another calculator block uses equations specified in Sec-
tion 4 to calculate LHV of gas and CGE of process.

Finally, different lambda values and molar fractions of CO> was used in a sensitivity analysis
to study the effect on temperature, carbon conversion, gas composition, tar mass flow, LHV
of gas, CGE of process, residence time in reactor, pressure drop in cyclone and its particle
collection efficiency. A comprehensive optimization study was not considered in this study,
however, an initial design is proposed by considering some key parameters.
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The main parameters considered are cyclone separation efficiency, gasifier temperature, the
LHYV of syngas and the CGE of the process. The main goal is to keep CGE as high as possible
without significant drop in cyclone separation efficiency, and without reaching too high tem-
peratures causing ash melt. Another goal is to keep a low CO; content as it requires separation
from the product gas after the subsequent biological methanation. High CO» content will also
cause lower LHV of the syngas [8].

In addition to the parameters mentioned above, the adaption should also consider CH4 content
and contaminants in the syngas as mentioned in Section 2.3. If different operating conditions
results in similar LHV and CGE, then the case with higher CH4 content and lower tar content
should be chosen.

4.4 Gas-cleaning system model

The components defined in the gas-cleaning model are shown in Table 4.7, these components
are present in the syngas entering the gas-cleaning system according to analysis [2].

For calculations of physical properties, the global property method chosen is non-random
two-liquid (NRTL) according to the Aspen Plus® methods assistant. This method is an activi-
ty coefficient-based model which takes the non-ideality in the liquid phase into consideration.
This non-ideality will most probably show in this process due to presence of tars in the water-
based gas-cleaning system. Moreover, a literature review was conducted and some studies
with tars involved in Aspen Plus® uses NRTL as the property method [34-39]. The used
stream class was set to MCINCPSD as conventional and nonconventional solids were used
with a defined PSD.

Table 4.7. Components defined for the gas-cleaning model in Aspen Plus®.

Component Type Component Type

Ash Nonconventional Indene Conventional

N2 Conventional Naphthalene Conventional
H,O Conventional | 2-Methylnaphthalene | Conventional
CO Conventional 1-Methylnaphthalene | Conventional
CO, Conventional Diphenyl Conventional
H,O Conventional Acenaphthylene Conventional
CH4 Conventional Acenaphthene Conventional
CHs Conventional Fluorene Conventional
C,Hq4 Conventional Phenanthrene Conventional
C,Hs Conventional Anthracene Conventional
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Component Type Component Type
Benzene Conventional Fluoranthene Conventional
Toluene Conventional Pyrene Conventional

m-Xylene Conventional Phenol Conventional
0-Xylene Conventional 0-Cresol Conventional
Indane Conventional p-Cresol Conventional

The process flow sheet in Aspen Plus® used for this model is shown in Figure 4.3. As no
standard model in Aspen Plus® can alone describe all operating units, a set of different blocks
were used together in the simulation. The following assumptions were made in this model:

Steady-state and isothermal process

Perfect mixing giving uniform composition, temperature, and pressure within all
blocks except where RADFRAC (the distillation model) is used

No heat losses are considered due to lack of measurements

No reactions within the blocks are considered

Ash is inert, it does not interact with tars or other components

Nitrogen compound defined is only N>

Sulfur compound defined is only elemental S

Chlorine compound defined is only Cl»

Minor by-products other than tars are neglected

Some separation units such as FLASH2 and RADFRAC are assumed to have a con-
stant separation efficiency despite of operating conditions. This is due to limitation of
Aspen Plus® standard block models.
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Figure 4.3. Process flow sheet for the gas-cleaning model in Aspen Plus
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It is worth noting that the gasifier simulation and the gas-cleaning simulation are not connect-
ed in Aspen Plus®, which could be done by creating different hierarchies in the same file. This
was initially done but was removed afterwards to minimize computation time. The specifica-
tion of the WET-GAS stream is done with input from experimental data from the base case.
Here, ash is assumed following the same PSD as presented in Table 4.6.

When the gasifier product stream WET-GAS enters the first block E42-QUEN of type MIX-
ER, water through stream T-E42-WT is added to cool the gas. The block E42-QUEN together
with the FLASH2 block E42-FLSH are used to simulate the first quench unit. A pressure drop
of -53.1 mbar is assumed here with particle separation efficiency of 60% according to exper-
imental data [2].

The gas stream E42-PROD enters a VSCRUB block E41 simulating the venturi scrubber with
water in stream T-E41-WT used to separate solids and cool the gas. The calculation method
used in E41 is set to Calvert with a round throat of a diameter determined by a design specifi-
cation. This design specification varies the diameter of the venturi scrubber until 100 mbar in
pressure drop is reached across it.

The gas stream E41-PROD then enters a cyclone E1 which is specified with dimensions as
the real cyclone and default input of Leith-Licht as calculation method. After this stage, all
contaminated cooling water from all blocks above are mixed and flashed into atmospheric
pressure in V37-FLSH.

A DECANTER model named V37 is used to simulate the sedimentation tank that is used to
provide clean cooling water. The sedimentation tank is operating at atmospheric pressure with
same temperature as inlet stream T-V37-W, therefore, a calculator block was used to set the
temperature. In this block, the property method used is PR-BM as using NRTL resulted in no
phase separation in the DECANTER. A splitter PRG-SPLT is used to purge excess water
produced in the process. The split fraction in PRG-SPLIT is specified using a design specifi-
cation, which varies the fraction so that a constant amount of water is maintained in the first
water cycle. A cooler H5 and pump P30 are used to cool and increase the pressure of recircu-
lated water to 54 °C and 3.3 barg respectively.

The second water quench is simulated similarly to the first quench by using blocks E21-
QUEN and E21-FLSH. No pressure drop is assumed here, a particle separation efficiency is
set to 30% according to experimental data [2]. A packed column scrubber E22 is simulated
using a RADFRAC block. The calculation type is set to rate-Based with 10 stages, neither
condenser nor evaporator are used. The top of column is set to have a pressure of 0.345 barg
according to experimental data with gas stream E21-PROD specified On-Stage. The column
packing is defined by one section covering all stages, with section diameter 0.6 m and 3 m in
height. The packing material used is INTALOX-A by KOCH, which is made of metal and
have 40-MM in dimension according to product specification. A SEP block named E22-SEP
is added after the column. This separation block is used to achieve the correct particle separa-
tion efficiency of the column, which is about 80%.

The process water from the second water quench and the packed scrubber are mixed in the
second water cycle by the V2 block. The water is pumped to 5.8 barg with some water split in
WT2-SPLT. The split fraction is calculated with a design specification, where it is varied until
a gas temperature of 40 °C is reached after the packed scrubber. The water not split is led
through a centrifuge E26 simulated with CFUGE, a Decanter model type is used with Ideal
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separation and specified residual moisture of 0.75 on wet-basis. Before recirculating cooling
water to the second water cycle, a cooler H14 is used to cool it to 36 °C with pressure de-
creased to 4.6 barg.

Finally, the product gas E22-PROD is led through a block E3 of type ESP simulating the
WESP with a pressure drop of about 45 mbar. A tubular model is used with Deutsch as calcu-
lation method, the fitting parameter exponent K is set to 8 to achieve separation according to
experimental data. The tube radius is set to 125 mm, length to 2992 mm and spray electrode
radius to 5 mm with 31 tubes. The WESP is set to have a voltage of 40 kV, all according to
product specification of the WESP.
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5 Results and discussion

5.1 Validation of equilibrium-based gasification model

The equilibrium-based gasification model presented in Section 4.1 was validated against ex-
perimental data from the plant. Figure 5.1 shows the gas yields of produced syngas when 773
kg/h virgin wood pellets were gasified at 0.65 barg with 1103 kg/h primary air flow and 45
kg/h secondary air flow. Main components are presented as mol component per a unit of dry
ash-free fuel (mol/kgr,daf).

30,00
25,00
20,00
15,00
10,00

5,00

H2 CH4 co co2 Light CxHy
W Experiment 9,779 3,012 16,386 10,120 1,446
Equilibrium =~ 25,282 1,339 23,206 11,352 0,000

Yield (mol/kg dry ash-free fuel)

Figure 5.1. Gas yields of dry syngas (mol/kgr.a.y) when 773 kg/h biomass was gasified with
1103 kg/h primary air flow and 45 kg/h secondary air flow. Equilibrium-based model in light
grey and experimental data in dark grey.

It was found from experimental data that the wet syngas has 9.0 vol.% water with 1356 Nm>/h
in gas flow, LHV of 5.94 MJ/Nm® and 13 kg/h tars. The average reactor temperature was
about 881 °C with a CGE of 0.60 [2]. The equilibrium-based model shows a wet syngas with
6.4 vol.% water, 1848 Nm*/h in gas flow, LHV of 5.35 MJ/Nm? and 0 kg/h tars. The calculat-
ed reactor temperature was 687 °C with a CGE of 0.70.

As observed, the reactor temperature is much lower when equilibrium is assumed. This be-
havior was expected as the model assumes infinite residence time for components in the de-
fined system until equilibrium is reached. However, process data shows a residence time of
few seconds in the real gasifier. The process does not reach equilibrium due to the relevant
low temperature and short residence time, which results in incomplete fuel conversion. When
converting the fuel, there are mainly two endothermic reactions lowering reactor temperature,
these are shown in Table 2.1 as reactions 10 and 11. As less char reacts in the real gasifier,
less energy is consumed by the system making the real temperature higher.

There is also a large deviation in yields of gases between the model and experimental data.
The model underestimates yield of CHs and light non-aromatic hydrocarbons but overesti-

21



mates H> and CO. This is a common behavior observed in other equilibrium models found in
previous studies, as these models are based on minimization of Gibbs free energy until equi-
librium is reached [14, 16, 19, 21].

The effect of gas temperature was studied in the real gasifier by varying the mass flow of air
with experimental data available. Figure 5.2 shows the measured gas yields of produced syn-
gas, with temperature in °C shown in the plot legend. As seen, the temperature increases due
to increasing flow of air which allows higher conversion of fuel. Main components are pre-
sented as mol component per a unit of dry ash-free fuel (mol/kgr,daf).
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H2 CH4 co co2 Light CxHy
W EXP1 (859 °C) 7,839 3,228 16,599 8,876 1,729
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Figure 5.2. Measured gas yields of produced syngas (mol/kgr.a.p) with gas temperature in °C
for different cases.

The same input was used in the equilibrium-based model to study the variation of yields with
temperature. Figure 5.3 shows the predicted equilibrium gas yields of produced syngas
(mol/kgr,daf) With reactor temperature in °C shown in the plot legend. Unfortunately, deviation
in yield of all components is observed here also with same reasons as mentioned previously.
However, the trend of all components follows experimental data except for CO, and light
non-aromatic hydrocarbons.
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Figure 5.3. Predicted equilibrium gas yields of produced syngas (mol/kgr. dqf) With reactor
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5.2 Validation of combined equilibrium-based and kinetic-based gasifica-

tion model

The combined equilibrium-based and kinetic-based gasification model presented in Section
4.2 is validated against experimental data from the plant. Figure 5.4 shows the gas yields of
produced syngas when 773 kg/h biomass was gasified with 1103 kg/h primary air flow and 45
kg/h secondary air flow. Main components are presented as mol component per a unit of dry

ash-free fuel (mol/kgr daf).
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Figure 5.4. Gas yields of dry syngas (mol/kgr.ia) when 773 kg/h biomass was gasified with
1103 kg/h primary air flow and 45 kg/h secondary air flow. Equilibrium/kinetic based model
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The equilibrium/kinetic based model shows a wet syngas with 11.2 vol.% water with 1584
Nm?/h in gas flow, LHV of 6.83 MJ/Nm® and 8.4 kg/h tars. The calculated reactor tempera-
ture was 878 °C with a CGE of 0.77.

Results from this model agrees with experimental data more than the equilibrium model,
however, still some deviations are observed in gas yields. The deviation is most probably
since heterogeneous reactions presented in Table 2.1 are simulated by assuming equilibrium.
Furthermore, the two reactor blocks HOMO and HETERO are in series, which means that the
homogenous reactions occur first, and then heterogeneous reactions occurs afterwards. How-
ever, in reality all reactions occur together in the real gasifier. The deviation in yield of light
non-aromatic hydrocarbons is most probably due to these components being all lumped into
C2Hs4 compared to C2Hs, C2He, and CoHz measured in the real gasifier [2].

Results from all models are summarized in Table 5.1 and Figure 5.5 together with experi-
mental data from the base case. As seen in the table, the CGE is higher for the models com-
pared to experimental data. This deviation is due to the differences in temperature, tar flow
rate, char conversion and product gas composition.

Table 5.1. Temperature, tar flow, LHV and CGE for all models and experimental data for the
base case.

Variable Source
Experimental data | Equilibrium model | Kinetic model
Temperature (°C) 881 687 878
Tar flow (kg/h) 13 0 8.43
LHV inc. tars (MJ/Nm?) 5.94 5.35 6.83
CGE inc. tars (-) 0.60 0.70 0.77
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Figure 5.5. Gas yields of dry syngas (mol/kgr.a.p) for all models and experimental data for the
base case.
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Variation of gas yields with temperature was also studied for this model, with the same input
as measurements shown in Figure 5.2. Figure 5.6 shows the predicted gas yields of produced
syngas (mol/kgr daf) With gas temperature in °C shown in the plot legend. Note that the meas-
ured temperatures in Figure 5.2 are the gas temperature, compared to temperatures in Figure
5.3 and Figure 5.6 which can be interpreted as the average temperature in the gasifier [2].
Therefore, temperatures between Figure 5.2 and Figure 5.6 should be compared relative the
trend of change between cases rather than comparison between absolute values.

As observed in Figure 5.6, the change in yields of Hz, CO and CO» follow the same trend ob-
served in measurements. However, yields of CHs4 and light non-aromatic hydrocarbons show
a deviation from this trend. This could be explained by the fact that the restriction with tem-
perature approach in this model, as explained in Section 4.2, was made by using the design
specification relative the base case. Moreover, all non-aromatic light hydrocarbons were
lumped into C2Hs compared to C2Ha, C2Hg, and C2Hz measured in the real gasifier.
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W EQ/KIN4 (956 °C) 13,916 4,953 21,744 13,066 0,701

Figure 5.6. Predicted equilibrium/kinetic gas yields (mol/kgr.4ap) of produced syngas with re-
actor temperature in °C for different cases.

As experimental data was available on variation of fuel moisture, a validation of this effect
was done for this model by varying fuel moisture and comparing to measurements [8]. This
approach is done by either allowing drop of gasifier temperature or by increasing air flow to
maintain the temperature [2].

Figure 5.7 shows the measured gas yields of produced syngas (mol/kgr daf) with fuel moisture
content in wt.% shown in the plot legend. This was done without additional air which allowed
temperature drop. The temperature dropped by increasing fuel moisture content, due to more
energy needed to vaporize higher moisture content and more energy needed for the increased
endothermic reaction with water. The temperature of the different cases EXP5 to EXP8 were
959, 953, 946 and 935 °C respectively [2].
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Figure 5.7. Measured gas yields of produced syngas (mol/kgr.aap) with fuel moisture content in
wt. % for different cases. This was done without additional air which allowed temperature
drop reaching 959, 953, 946 and 935 °C respectively.

The same input was used in the equilibrium/kinetic model with results presented in Figure
5.8. This figure shows the predicted gas yields of produced syngas (mol/kgr dar) With fuel
moisture content in wt.% shown in the plot legend. The temperature of the different cases
EQ/KINS to EQ/KINS were 878, 872, 866 and 860 °C respectively.
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Figure 5.8. Predicted gas yields of produced syngas (mol/kgr.aap) with fuel moisture content in
wt. % for different cases. This was done without additional air which allowed temperature
drop reaching 878, 872, 866 and 860 °C respectively.
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Figure 5.9 shows the measured gas yields of produced syngas (mol/kgr.daf) with fuel moisture
content in wt.% shown in the plot legend. This was done with additional air which maintained
the gasifier temperature by more conversion of fuel. It is observed that the yield of CO; in-
creases significantly with moisture content but not H», which would be expected by the water-
gas shift reaction. However, the increase of CO: in this case is most probably due to the in-
creased fuel combustion, not due to water-gas shift reaction. The temperature of the different
cases EXP9 to EXP12 were 950, 952, 951 and 953 °C respectively.
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W EXPY (6.2 wt.%) 9,576 3,030 18,182 10,182 1,333
EXP10 (10.2 wt.%) 9,576 3,030 17,576 10,909 1,333
WEXP11(11.8wt%) 9,576 3,030 17,212 11,515 1,333
WEXP12 (148 wt.%) 9,697 3,030 16,970 12,121 1,333

Figure 5.9. Measured gas yields of produced syngas (mol/kgr.aap) with fuel moisture content in
wt. % for different cases. This was done with additional air which maintained the gasifier
temperature to 950, 952, 951 and 953 °C respectively.

The same input was used in the equilibrium/kinetic model with results presented in Figure
5.10. This figure shows the predicted gas yields of produced syngas (mol/kgr.daf) With fuel
moisture content in wt.% shown in the plot legend. The temperature of the different cases
EQ/KIN9 to EQ/KIN12 were 883, 887, 910 and 893 °C respectively.
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m EQ/KINS (6.2 wt.%) 8,932 4,897
EQ/KIN10 (10.2 wt.%) 9,197 5,116
M EQ/KIN11 (11.8wt.%) 10,743 5,236
W EQ/KIN12 (14.8 wt.%) 9,678 5,038

Figure 5.10. Predicted gas yields of produced syngas (mol/kgr aq) with fuel moisture content
in wt.% for different cases. This was done with additional air which maintained the gasifier
temperature to 883, 887, 910 and 893 °C respectively.

The model can predict trends for most components shown by experimental data as seen by
comparing Figure 5.7 with Figure 5.8, and Figure 5.9 with Figure 5.10. The deviations ob-
served could be explained by the fact that the restriction with temperature approach in this
model, as explained in Section 4.2, was made by using the design specification relative the

base case.
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5.3 Validation of gas-cleaning system

When validating the gas-cleaning system, a gas stream was used with experimental data
available. In this case, 1900 kg/h syngas at 959 °C and 0.65 barg was measured with composi-
tion as mass fraction presented in Table 5.2 [2].

Table 5.2. Mass fraction of components measured in syngas with 1900 kg/h at 959 °C and
0.65 barg used as input to the model.

Component | Mass fraction (-) Component Mass fraction (-)
Ash 0.0289 Indene 0.0005
N> 0.4912 Naphthalene 0.0026
H,O 0.0603 2-Methylnaphthalene 5.241-10°
CO 0.1809 1-Methylnaphthalene 3.990-10°
CO; 0.1849 Diphenyl 7.785-10°
H, 0.0079 Acenaphthylene 0.0012
CH4 0.0186 Acenaphthene 0.0001
C:Hx 0.0047 Fluorene 0.0002
CyHy 0.0091 Phenanthrene 0.0007
C2Hs 0.0001 Anthracene 0.0002
Benzene 0.0062 Fluoranthene 0.0004
Toluene 0.0004 Pyrene 0.0005
m-Xylene 4.475-10° Phenol 6.583-10°¢
o0-Xylene 0.0001 0-Cresol 2.895-10°°
Indane 0 p-Cresol 1.328-10°¢

The output of the model was compared to experimental data on clean syngas available from
the plant, the results are presented in Table 5.3 with concentrations in pg/ml [2].
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Table 5.3. Concentration of components (ug/ml) from experimental measurements on clean
syngas and predicted concentrations from gas-cleaning model.

Component Concentration (pg/ml) Component | Concentration (ng/ml)
Experimental | Model Experimental | Model
Benzene 10.58 8.738 | Acenaphthylene 0 ~0
Toluene 0.9076 0.5771 | Acenaphthene 0 ~0
m-Xylene 0.0587 0.0631 Fluorene 0.0602 ~0
o0-Xylene 0.4142 0.2012 | Phenanthrene 0 ~0
Indane 0 0 Anthracene 0 ~0
Indene 0.7842 ~0 Fluoranthene 0 0
Naphthalene 1.334 ~0 Pyrene 0.0390 0
2-Methylnaphthalene 0 ~0 Phenol No data 0.0048
1-Methylnaphthalene 0 0.0555 0-Cresol No data ~0
Diphenyl 0 ~0 p-Cresol No data 0.0008

The highest error is found in separation of indene, naphthalene, 1-methylnaphthalene, Fluo-
rene and Pyrene. Unfortunately, no data was available on concentrations of phenol, o-cresol,
and p-cresol. There are many sources of error for these deviations, mainly the neglect of inter-
action between ash and soot particles with tars. Another major error source is the choice of
physical property method. Comparison of different methods such as Peng Robinson cubic
equation of state (PR) and Soave-Redlich-Kwong equation of state (RK-SOAVE) should be
done in further studies. This was not done in this study due to time limitation.

The last-mentioned error source is most obvious when modeling the sedimentation tank V37
as a DECANTER in Aspen Plus®. Experimental data on suspension concentration in water
after the sedimentation tank is available. These are compared to predicted values and present-
ed in Table 5.4. Concentration of dirty water is given in g/L and clean water in mg/L. The
deviations between experimental and predicted data are big and can be explained by the errors
in separation of the different components as shown in Table 5.3.
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Table 5.4. Experimental data on suspension concentration in water after sedimentation tank
compared to predicted concentrations. All presented as concentration of dirty water in g/L
and clean water in mg/L.

Component Experimental | Model | Unit
Clean process water 1-2 82.13 | mg/L
Dirty process water 10-50 1534 | g/L

5.4 Adaptation of gasification process to subsequent biological methana-
tion

For the same fuel flow rate and components attribute as presented in Table 4.2, an exchange
of O2/N2 (air) as gasifying medium to O2/CO> was done. The aim was to obtain a similar tem-
perature and cyclone particle separation efficiency as the (air) base case presented in Section
5.2 using the equilibrium/kinetic model.

Figure 5.11 shows the predicted gas yields of produced syngas when 773 kg/h biomass was
gasified with same lambda value as the base case. The oxidation medium in this case is a mix-
ture of 21 mol.% O and 79 mol.% CO, giving a total oxidant flow rate of 1651 kg/h. Main
components are presented as mol component per a unit of dry ash-free fuel (mol/kgr gar). The
yield of CO» presented are excluding the recirculated molar flow rate of CO- in the gasifying
medium.

This setup resulted in a syngas with 17.5 vol.% water, 1423 Nm?/h in gas flow, LHV of 7.10
MIJ/Nm? and 9.84 kg/h tars. The calculated reactor temperature was 781 °C with a CGE of
0.72. The pressure drop calculated is 183 mbar with a particle separation efficiency of 99.6%.
The predicted gas composition on dry basis for this case is presented in Figure 5.11.
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Figure 5.11. Predicted gas yields (mol/kgr.aa) when 773 kg/h biomass was gasified with a
1651 kg/h oxidant mixture of 21 mol.% Oz and 79 mol.% CO..
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Figure 5.12. Predicted dry syngas molar composition when 773 kg/h biomass was gasified
with a 1651 kg/h oxidant mixture of 21 mol.% O> and 79 mol.% CO..

Another approach is keeping the molar flow rate of Oz as the base case and choosing the CO>
flow rate to obtain similar total mass flow rate of oxidative stream. The gasifying medium in
this case is a mixture of 29.5 mol.% O; and 70.5 mol.% CO,. Main components are presented
in Figure 5.13 as mol component per a unit of dry ash-free fuel (mol/kgr.daf). The yield of CO»
presented are excluding the recirculated molar flow rate of COz in the gasifying medium.

This setup resulted in a gas with 17.1 vol.% water, 1247 Nm>/h in gas flow, LHV of 8.34
MJ/Nm? and 8.70 kg/h tars. The calculated reactor temperature was 859 °C with a CGE of
0.74. The pressure drop calculated is 134 mbar with a particle separation efficiency of 99.6%.
The predicted gas composition on dry basis for this case is presented in Figure 5.14.
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Figure 5.13. Predicted gas yields (mol/kgr.aa) when 773 kg/h biomass was gasified with 1148
kg/h gasifying medium consisting of 29.5 mol.% O and 70.5 mol.% CO..
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Figure 5.14. Predicted dry syngas molar composition when 773 kg/h biomass was gasified
with 1148 kg/h gasifying medium consisting of 29.5 mol.% Oz and 70.5 mol.% CO..

The results of all modeled cases are presented in Figure 5.15, Figure 5.16 and Table 5.5 for
easier comparison. Moreover, LHV excluding tars are also calculated as it is more relevant for
the biological methanation process. As seen, higher water content is predicted when O2/COsz is
used instead of air as gasifying medium. The reason behind this is maybe due to a change in
the reaction rates of the heterogeneous reactions presented in Table 2.1, which might be con-
firmed by the decreased char conversion in Table 5.5.
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W Base case 8,604 4,858 19,003 11,321 2,462
21% 02, 79% CO2 3,956 2,375 17,342 9,286 4,366
W 29.5% 02, 70.5% CO2 7,437 3,483 20,103 9,162 2,788

Figure 5.15. Predicted gas yields (mol/kgr,aq) when 773 kg/h biomass was gasified for the
different cases compared to the base case.
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Figure 5.16. Predicted dry syngas molar composition when 773 kg/h biomass was gasified for
the different cases compared to the base case.

Table 5.5. Temperature, flow rates, LHV, CGE, separation efficiency and gas water content
for the different cases compared to base case with air as gasifying medium.

Variable Case
Base case, air as gasify- | Same lambda, Same lambda and total
ing medium 21% O, flow, 29.5% O;
Gasifying medium flow 1148 1651 1148
rate (kg/h)
Temperature (°C) 878 781 859
Tar flow rate (kg/h) 8.43 9.84 8.70
LHYV ex. tars (MJ/Nm?) 6.63 6.83 8.08
LHYV inc. tars (MJ/Nm?) 6.83 7.10 8.34
CGE inc. tars (-) 0.77 0.72 0.74
Separation eff. (%) 99.4 99.6 99.6
Unreacted char (kg/h) 20.99 40.29 36.19
Dry syngas flow (Nm?3/h) 1585 1423 1247
vol.% H>O (wb) 11.2 17.5 17.1
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The last case presented is obtained by employing an optimization block in Aspen Plus®. The
objective function set to be maximized is the CGE of the process. Only one constraint was
defined, the temperature should not exceed 1000 °C. The manipulated variables allowed to be
varied are mass flows of O, and CO». The result is a setup with an oxidant stream of pure O»
at 226 kg/h resulting in a syngas with 12.8 vol.% water, 904 Nm>/h in gas flow, LHV of 11.90
MIJ/Nm? ex. tars, LHV of 12.19 MJ/Nm? inc. tars, 7.15 kg/h tars and 34.4 kg/h unreacted char.
The calculated reactor temperature was 963 °C with a CGE of 0.78. The pressure drop calcu-
lated was 49 mbar with a particle separation efficiency of 99.7%.

Main components of syngas produced in this case are shown in Figure 5.17 as mol component
per a unit of dry ash-free fuel (mol/kgr daf). The predicted gas composition on dry basis for
this case is presented in Figure 5.18. It must be pointed out that this case was simulated for
demonstration purpose to show the maximum CGE possible to achieve without taking cy-
clone separation in consideration. The cyclone separation will definitely be affected as the gas
volumetric flow rate is much lower in this case compared to the other cases presented previ-
ously. Therefore, further investigation about particle separation should be done if lower CO>
fractions are to be used.
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Figure 5.17. Predicted gas yields (mol/kgr,a.) when 773 kg/h biomass was gasified with 226
kg/h gasifying medium consisting of pure O:.
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Figure 5.18. Predicted dry syngas molar composition when 773 kg/h biomass was gasified
with 226 kg/h gasifying medium consisting of pure O:.

Regarding the cases where Nz is replaced with CO2, a lower gasification temperature is ob-
served compared to conventional air-blown gasification at the same lambda. There are two
main explanations for this trend. Air has a lower specific heat capacity than the O2/CO; mix-
ture. For example. the mixture of 21 mol.% O2 and 79 mol.% CO2 at 900 °C has a specific
heat capacity about 8% higher than corresponding value for air [31].

The other explanation is increased concentration of CO; will cause more carbon to react in the
endothermic reaction 11 shown in Table 2.1. However, factorial experiments should be done
to make conclusions about this effect, as the temperature variation due to change in specific
heat capacity will affect the reaction rate also.

A low lambda value is desirable from an economical perspective of view as pure O2 is expen-
sive. The problem with keeping lambda value low is that the temperature drops a lot, there-
fore, it is important to keep the lambda value at around 0.3 depending on how much CO; is
recirculated. A lower lambda value can be used if less COz is recirculated as the temperature
will increase. Unfortunately, enough particle separation in the cyclone cannot be guaranteed
as the inlet velocity and physical properties of the gas mixture will change significantly. An-
other approach is considering preheating of recirculated CO> by utilizing waste heat, in this
way less energy is consumed to heat CO2 which will allow higher gasification temperature.

A lower tar mass flow is observed in cases with higher temperature. This is predicted by equa-
tions presented in Section 5.2, and as mentioned in Section 2.2, higher temperature allows
more tars to crack. Regarding the LHV of product gas, a higher value is observed in second
case due to lower CO; fraction.
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6 Conclusions

As of today, most simulations in Aspen Plus® found in literature are based on equilibrium
models. Common for most equilibrium models is the overestimation of char conversion and
the neglect of tars and their reactions during gasification. However, some authors used kinetic
expressions and correlations to develop more accurate models in Aspen Plus®. In this study,
two different models have been developed, one model fully equilibrium-based, and another
model based on equilibrium with kinetics and correlations found in literature.

Collection of relevant process flow diagrams, technical specifications of operating units and
measurement data from the existing gasification plant have been done. Subsequent biological
methanation of produced syngas has been studied to define requirements on the biomass gasi-
fication. A syngas free of N2, low tar content and a temperature within 50-100 °C after the
gas-cleaning system is required for the biological methanation. Furthermore, high content of
H», CH4 and CO is desired to reach higher syngas conversion and process efficiency.

Results from the equilibrium model showed almost no agreement with experimental data. The
predicted temperature is much lower, large deviations are found in concentrations of main
components, and tars were neglected. However, the sensitivity analysis showed the same
trends as experimental data except for CO2 and light non-aromatic hydrocarbons when mass
flow of air was varied.

Results from the kinetic model showed much better agreement with experimental data, how-
ever, still some deviations are observed in the gas yields. Sensitivity analysis of this model
showed better agreement when air mass flow rate was varied, but still some deviations were
observed in yields of CH4 and light non-aromatic hydrocarbons. When the moisture content of
biomass was changed, the kinetic-based model could successfully predict similar trends in
syngas composition as shown by experimental data for most components. Both models over-
estimated CGE of the process and underestimated tar content of produced syngas.

The gas-cleaning system was also modeled and simulated in a third model. Validation of this
model showed some agreement with experimental data. However, big errors for some compo-
nents such as indene and naphthalene were observed in the final gas composition. This model
could be useful to study which operating units are most important as experimental data of the
tar content between operating units are not available. However, this model would not be able
to predict how the different operating units will behave when operating conditions are
changed from the base case.

Finally, the kinetic-based model was then used to adapt gasification of biomass to the biologi-
cal methanation. This was done by setting up some criteria such as replacement of N> in air
with recirculated CO; obtaining similar temperature. No comprehensive optimization was
carried out, but two initial setups were proposed. For all setups presented, a lower gasification
temperature is predicted with a decrease in CGE but with higher LHV of produced syngas.
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6.1 Future work

Several improvements could be made to the model developed in this study. The main im-
provement should be done in modeling of the heterogeneous reactions of char. A kinetic mod-
el should replace the equilibrium model with all reactions in the same block in Aspen Plus®.
If no kinetic expression can be developed, then an alternative approach is to conduct experi-
ments to set correct temperature restriction for the heterogeneous reactions. One more im-
portant improvement is the introduction of more tar components than benzene produced in the
pyrolysis step. These improvements would result in a more accurate model causing less devia-
tions from experimental data.

Modeling of interaction between tars and particles would improve the simulation of the gas-
cleaning process. Furthermore, the implementation of a particle growth model would make
the simulation of particle separation more accurate. Especially if a custom Aspen Plus® model
is developed with reactions in a cyclone instead of a CSTR as size of particles decreases in the
gasifier.

If biomass with higher nitrogen and/or sulfur content is used, then modeling of the compo-
nents of these elements should be done. These elements can form toxic contaminants to the
microorganisms used in biological methanation of syngas. This improvement to the model
would allow the investigation of different biomasses with analysis of their suitability to the
biological methanation.

Finally, a comprehensive optimization of the gasifier must be done when adapting it to bio-
logical methanation of syngas. A techno-economic analysis of this adaptation should also be
performed, considering the increased operating costs due to utilization of pure O instead of
air. Moreover, the effect of lower gasifying medium flow rate on cyclone particle separation
efficiency should also be considered.
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8 List of abbreviations

AH,qp Enthalpy of vaporization (MJ/kg)
C Elemental Carbon
C:H; Ethyne
C,H4 Ethylene
C:H Ethane
C6H6 Benzene
CFD Computational Fluid Dynamic
CGE Cold gas efficiency
CH4 Methane
Cl Elemental Chlorine
Cl, Chlorine gas
CO Carbon monoxide
CO; Carbon dioxide
CSTR Continuous stirred-tank reactor
daf dry ash-free basis
db dry basis
F Fuel
FC Fixed carbon
H Elemental hydrogen
H, Hydrogen gas
H,0 Water
HHV Higher heating value (MJ/kg)
LHV Lower heating value (MJ/Nm?)
m; Mass flow rate of component (kg i/h)
N

Elemental nitrogen
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N, Nitrogen gas
NRTL Non-random two-liquid
0] Elemental oxygen
0; Oxygen gas
PAHs Polycyclic aromatic hydrocarbons
PR Peng Robinson cubic equation of state
PR-BM Peng Robinson cubic equation of state with the Boston-Mathias alpha function
PSD Particle size distribution
Orsroic Heat produced by combustion reactions (MJ)
RK- Soave-Redlich-Kwong equation of state
SOAVE
S Elemental sulfur
T Temperature (°C)
Vi Volumetric flow rate of component i (m? i/h)
VM Volatile matter
wb Wet basis
WESP Wet electrostatic precipitator
wt.% weight percentage
ViF Yield of component i (kg i/kg dry ash-free fuel)
Yij Mass fraction of element i in component j (kg i/kg j)s
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